CHAPTER

Boiling and
Condensation

11.1 Introduction
In the previous two chapters, we studied heat transfer in forced and free convection, i.e. heat transfer with fiuid
motion, induced either by an external means or by density differences. In both the cases, fluid involved was
homogeneous and in single phase. But, there are many important practical cases which involve heat transfer with
a change of phase of the fluid, e.g. boiling where the liquid changes to vapour and condensation where the
vapour condenses into a liquid. Boiling and condensation are classified under convection since there is motion of
the fluid during heat transfer in these processes.
Some of the applications of boiling and condensation are:
(i) Evaporators and condensers of a vapour compression refrigerating system
(ii) Boilers and condensers of a steam power plant
(iii) Reboilers and condensers of distillation columns of cryogenic and petrochemical plants
{(iv) Cooling of nuclear reactors and rocket motors
(v) Process heating and cooling, etc.
Unique features of boiling and condensation are:
(i) heat transfer, practically at a constant temperature, because of change of phase
(ii) latent heat and surface tension come into play in addition to bucyancy driven flow effects, resulting in
larger heat transfer rates and heat transfer coefficients compared to the usual free or forced convection
(iii} high heat transfer rates with small temperature difference.

11.2 Dimensionless Parameters in Boiling and Condensation

It is difficult to obtain governing equations for boiling and condensation by applying the usual conservation
laws. However, dimensional analysis has been successfully applied with the use of Buckingham 7 theorem. Heat
transfer coefficient in either boiling or condensation process may be reasonably assumed to depend on the tem-
perature difference AT between the surface temperature T, and the saturation temperature T, of the fluid, body
force arising out of the density difference between the liquid and vapour phases |= g.(p, - p,)), latent heat hg,
surface tension @, a characteristic length L and the thermo-physical properties of the liquid or vapour; p, C,,
and k. Applying the Buckingham # theorem, it can be shown that the functional relationship between the various
dimensionless groups is given by:
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represents the effect of buoyancy induced fluid motion on heat transfer.

Jakob number (Ja) involves the ratio of maximum sensible energy absorbed to the latent heat absorbed.
Generally, Jo has a small numerical value.

Bond number {Bo) is the ratio of gravitational body force to the surface tension force.

11.3 Boiling Heat Transfer
11.3.1 Boiling and Evaporation

“Boiling’ occurs at the solid-liquid interface when the solid surface is at a temperature T, sufficiently above the
saturation temperature T, of the liquid at that pressure. In conirast, ‘evaporation’ occurs at the liquid-vapour
interface when the vapour pressure above the liquid is less than the saturation pressure of the liquid at the given
temperature. Unique feature of the boiling phenomenon is the production of vapour bubbles at the solid-liquid
interface causing intense mixing.

11.3.2 Boiling Modes
Boiling is generally classified as ‘pool boiling” and ‘flow boiling’.

In pool boiling, there is no bulk fluid flow, and any motion of the fluid is due to natural convection and the
movement of bubbles under buoyancy effects. Heating of a liquid by immersing a heating element in it is an
example of pool boiling. When boiling occurs while fluid is in motion under the influence of a pump, it is called
flow boiling. These two modes of boiling are further classified as ‘sub-cooled boiling’ and ‘saturated boiling’. In
sub-cooled boiling, main body of the liquid is at a temperature below the saturation temperature T, while in
saturated boiling, main body of the liquid is at a temperature equal to T, During initial stages of boiling, we
have the subcooled boiling where bubbles originate at the heating surface, move up due to buoyancy effects, and
dissolve in the cooler liquid since the body of the liquid is at a temperature lower than T_,,. As the body of the
liquid reaches the saturation temperature, bubbles start reaching up to the free surface of the liquid and we say
that buik or saturated beiling is set in motion.

Since boiling is a form of convection heat transfer, boiling heat flux is given by Newton’s law of cooling, i.e.

roiting = 11-(T, = To) = 1 AT, W/m® ~{11.2)

where, AT, = (T, - T,,,) = excess temperature.

11.3.3 Origin and Growth of Bubbles

Boiling is associated with bubble formation at the heating surface. Bubbles are believed to originate at the small
cavities present on the heating surface by expansion of entrapped gas or vapour. These are known as ‘nucleation
sites’. Then, the bubbles grow in size, detach themselves from the surface when a critical size is reached. Bubble
growth and dynamics is closely related to the surface tension (o) at the liquid — vapour interface, temperature
excess and the pressure. Surface tension signifies the wetting capability of the liquid; lower the surface tension,
higher the wetting capability.

Wetting capacity of a liquid signifies the contact angle 6 between the wall and the free surface. See Fig. 11.1.
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FIGURE 11.1 Contact ongle and shape of vapour bubbles for wetting and non-wetting liquids

Larger the angle 8, poorer is the wetting capacity. A liquid is considered to wet a surface if & < 90 deg. This
is true for liquids like water {8 = 50 deg.), kerosene (6 = 26 deg.), ether (# = 16 deg.) etc. If 8> 90 deg. liquid does
not wet the surface, eg. mercury (6 = 137 deg.).

Based on theory of capillarity, following equation gives the separation diameter ‘d’ of a bubble in a quiet

liquid:
o
d=638- 6 | ——— mm .{11.3}
(pl - pv)

where, #1s contact angle in deg., ¢ is surface tension in N/m, p is density of liquid or vapour in kg/ m’,
For water boiling on a metal surface, Eq. 11.3 gets the following form:

3
d =265 (MP—J mm., (11.4)
1000

At atmospheric pressure, for water, p, = 957.9 kg/ m’®, p, = 0.5978 kg/ m®, and we get
d = 2.482 mm. Note that separation diameter diminishes with increasing pressure.

Intense mixing caused by the separation of the bubbles from the surface and their movement through the
fluid results in high rate of heat transfer from the surface to the liquid. It is obvious that higher the number of
nucleation sites where the bubbles originate and higher the frequency with which the bubbles detach from the
surface, higher the heat transfer coefficient, i. Heat transfer coefficient is a function of excess temperature, AT, as
discussed below:

11.3.4 Boiling Regimes and Boiling Curve

Nukiyama performed his pioneering experiments on boiling heat transfer in 1934. He used nichrome and plati-
num wires which were electrically heated while immersed in liquids. In general, four different boiling regimes
are observed depending upon the excess temperature (AT,) imposed, namely

(i) natural convection boiling (AT, upto about 5 deg.C)

(ii} nucleate boiling (AT, from 5 deg to about 30 deg.C)
(iti) transition boiling (AT, from 30 deg to about 120 deg.C), and
(iv) film boiling (AT, beyond 120 deg.C).

Fig. 11.2 shows a typical boiling curve for water at one atmosphere pressure. General shape of the boiling
curve is same for other fluids as well. In Fig. 11.2, boiling heat flux is plofted against the excess temperature.
Also, shape of the boiling curve is independent of the geometry of the heating surface, but depends on the fluid
pressure and the specific fluid-heating surface combination.

A brief explanation of the different boiling regimes is given below:

(i) Natural convection boiling This range is up to the point ‘A’ in Fig. 11.2. No bubbles are formed up to a small
excess temperature of about 5 deg. and the liquid is superheated, rises to the free surface and evaporates from the
surface. In this range, the free convection correlations derived in the previous chapter can be applied to make
heat transfer calculations.
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FIGURE 11.2 Typicol boiling curve for water at one atrmosphere pressure

(i) Nucleate boiling Region between ‘A’ and ‘C’ is the nucleate boiling region. Starting from point ‘A’, as AT,
increases, bubbles start forming at nucleation sites at an increasing rate. Nucleate boiling region may classified
into two sub-regions:

(a} region A-B, where the isolated bubbles formed rise up, but do not reach the free surface and collapse in
the body of the liquid; space vacated by the bubbles formed at the surface as they move up, is filled by
fresh liquid, and the process is repeated. Movement of the bubbles through the body of the liquid causes
agitation which is responsible for increasing heat transfer in nucleate boiling.

(b) region B-C, where the bubbles form at a faster rate at a largely increased number of nucleation sites and
rise up in the liquid in almost continuous columns of vapour. These bubbles gush up in the liquid and
reach the free surface and then collapse. Heat flux in this region is very large due to this reason. Note that
after point B there is an inflection in the boiling curve; this is because of the fact that as excess tempera-
ture is increased, the heating surface gets almost covered with bubbles and the heat flux increases at a
lower rate as AT, increases, and reaches a maximum at point C. Heat flux at point C is called ‘critical’ or
‘maximum’ or ‘burnout’ heat flux, 4,,,,. For water, g.,,, > 1 MW/m%

It should be clear that from heat transfer point of view, nulcleate boiling regime is the most desirable range
to operate, since very high heat transfer rates are obtained with relatively small AT, {under 30°C).
(iii) Transition boiling Region between 'C’ and ‘D’ is the transition boiling region. In this range, as the excess
temperature increases, the heat flux decreases; this is due to the fact that now a major portion of the heater
surface is covered by the vapour film which has a smaller thermal conductivity as compared to that of the liquid,
and, therefore, acts as an insulation. Between points C and D, nucleate and film boiling occur partially or alter-
nately and is therefore called ‘unstable film boiling regime’. At point D, excess temperature is of the order of
120°C.
(iv) Film boiling This region is beyond the point D. As excess temperature is further increased, now a stable,
vapour blanket completely covers the heater surface. So, at point D, the heat flux reaches a minimum and this
point is known as ‘Leidenfrost point’, (in honour of Leidenfrost, who explained in 1756 that the water drops
dropped on a very hot surface ‘dance’ on a vapour film and boil away). Now, as the excess temperature is
increased further, heat transfer by radiation effect also comes into picture in addition to conduction through the
vapour film, and the heat flux increases as shown.

11.3.5 Burnout Phenomenon

In Fig. 11.2, a continuous boiling curve was shown. However, in practice, when Nukiyama conducted his experi-
ments with an electrically heated nichrome wire immersed in a pool of water, he observed that when a little
excess power was supplied to the nichrome wire after reaching point C, wire temperature suddenly increased
unconirollably to the melting point of the wire (i.e.1500 K) and burnout occurred. When the experiment was
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FIGURE 11.3 Actual beiling curve for water heoted by o platinum wire

repeated with platinum wire (which has a higher melting point of 2045 K), it was possible to maintain heat flux
higher than g,,,,, without a burnout. Now, when the power was gradually reduced after g,,;,, was reached at point
D, there was g sudden drop in the excess temperature, landing into the nucleate boiling region. Note that the arm
C-D of the boiling curve cannot be obtained in the power controlled mode of heating, unless the power applied
is reduced suddenly when point C is reached. The phenomenon of ‘hysterisis effect’ explained above is shown in
Fig. 11.3.

As we go on supplying electrical energy to the heater, point C (Fig. 11.2), i.e. the point of critical or maxi-
mum heat flux is reached; now, if we try to go past this point by increasing the heater power, the fluid is not able
to accept this increased power as shown in Fig. 11.3, and as a result, the heater temperature increases. So, AT,
increases, and the fluid can accept even lesser energy at this increased AT, and the heater temperature further
increases, and so on. Thus, a steady state point E is reached in the boiling curve Fig. 11.2, which, unfortunately,
corresponds to a very high surface temperature, that the heater may even melt or ‘burnout’. Hence, the name
‘burnout heat flux’ for the heat flux at point C.

Knowledge of ‘burnout flux’ is very important from practical point of view (in electrically heated surfaces
and nuclear reactors), since any attempt to go past the point C of maximum heat flux will make the surface
temperature to jump suddenly to point E, causing a burnout. So, the aim should be to operate at a point as near
to the point C as possible, but never to go beyond it. In cryogenic applications, however, point E fails at tempera-
tures much lower than the melting point of materials concerned, and film boiling can be adopted without any
danger of a burnout.

11.3.6 Heat Transfer Correlations for Pool Boiling
There are different correlations for the different regimes of boiling discussed above. Most of these correlations are
empirical, since, as already mentioned, phenomenon of boiling is not easily amenable to theoretical analysis.
Natural convecticn bolling regime (i.e. up to an excess temperature of about 5 deg.C). In this regime, the corre-
lations already presented in the previous chapter on ‘Natural (or, Free) convection’ may be used.
Nucieate boiling regime (i.e. excess temperature varying from about 5 deg. up to about 30 deg.C). In this re-
gime, heat transfer depends on the number of nucleation sites, rate of vapour bubble formation, etc. It is thought
that much higher heat transfer rates obtained in this regime are due to the stirring and agitating effect caused by
the bubbles on the surrounding liquid. Further, experiments show that nucleate boiling heat flux is not very
much dependent on the geometry or orientation of the heater surface. Therefore, the correlation given below is
valid for flat plates, cylinders and other geometries.

Correlation proposed by Rohsenow in 1952, is the most widely used one, for heat flux in the nucleate boiling
regime:

1 3

. - 5 | Cp (T, — T,

G nucloat =ﬂL'hfg'[g (oL PV)]Z' o (T sa:) W/m? .(115)
o Csf'hfg-PrL
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where,
Brcteate = DUCleate boiling heat flux, W/m?
H; = viscosity of liquid, kg/(m.s)
hfg = enthalpy of vaporisation, J/kg
¢ = gravitational acceleration, m/s’
p,. = density of liquid, kg/m’
pv = density of vapour, kg/ m’
Cp. = Specific heat of liquid, J/{kg.C)
o = surface tension of liquid-vapour interface, N/m
T, = surface temperature of heater, deg.C
T, = saturation temperature of fluid, deg.C
C,s = a constant depending upon the specific surface-fluid combination
Pr; = Prandtl number of liquid
n =1 for water, and 1.7 for all other liquids.

Subscripts L and V refer to liquid and vapour, respectively.

Since water is one of the most common fluids used, it is useful to have its surface tension and the constant
C,y for water~surface combination, readily available.

Surface tension and latent heat of water at a few temperatures are given in Table 11.1.

TABLE 11.1 & and hy, for water

2500.8
24537
2406.2
2357.9
2308.3
100 2256.7
150 2113.4
200 1939.3
250 17147
300 1406.2
350 916.1
374 0.0

-

A quick estimate of surface tension of water at a given temperature can be made using the following equa-
tion:
o=0.0743-(1 - 00026 T), N/m (11.6)
where, T is in deg.C

Experimentally determined values of constant C,; for a few liquid-surface combinations are given in Table
11.2:

Note that Rohsenow Eq. 11.5 is applicable for clean surfaces and for relatively smooth surfaces.

To calculate the heat fiux in nucleate boiling, Collier recommends the following equation which is simpler to
use as compared to Eq. 11.5:

P 0.17 P 1.2 p 10 P33
Frcteate = 0-000481- AT 3. p 23, 1.8-[—] +4-(——] +10-{——] W/m? L(11.7)

cr cr cr

where, AT, is the excess temperature in deg.C, P is the operating pressure in atm., P, is the critical pressure in
atm.

Another correlation proposed by Mostinski to determine the heat transfer coefficient in nucleate boiling is:
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TABLE 11.2 C, for a few liquid-surfoce combinations

Water—copper:
Scored surface 0.0068
Polished surface 0.0130
Water—stainless steel:
Teflon coated surface 0.0058
Ground and polished surface 0.0088
Mechanically polished surface 0.0130
Chemically eiched surface 0.0130
Water—brass 0.0060
Water-nickel 0.0060
Water—platinum 0.0130
n-pentane-copper:
Lapped surface 0.0049
Polished surface 0.0154
n-pentane—chromium 0.0150
Ethyl alcohol-chromium 0.0027
Benzene-chrommiurn 0,101
. P 0.566
hnucleate = 0.00341 '(Pcr)zls' (ATL’)2~33' ['P_] W/(mzc) (118)
or

where, P and P,, are the operating and critical pressure (bar), respectively, AT, is the excess temperature in deg.C.
Once ‘I’ is known, heat flux is calculated as: g = LAT,.
Another useful correlation for heat transfer coefficient in nucleate boiling is from Russian literature:

1

1

b N30 = 075,070

- 6.9x10’3-(&—%] .(%)3 ——k 4 kcal/ (m*hC) .{11.9a)
PL—Pv —

h nucleate

Note the units in the above equation: p in kg/ m’, hy, in keal/kg, oin kg/m, k in keal/(mhrC), g in kgs/ m?, G
in keal/(kgC) and subscripts . and V refer to liquid and vapour, respectively.
When all terms are expressed in S.I. Units, as in Eq. 11.5, above equation becomes:

1 1
h ﬁ - 075 0.70
hnucleate = 0'07726 {—MJ (p_LJB kL q W/(mzc) (llgb)

7
pL"pV [e2 0.45 I
wrc o0 (Tt + 273°¥

Advantage of Eq. 11.9b is that heat transfer coefficient is presented as a function of physical properties of the
fluid only; therefore, it can be used to calculate *h’ for any fluid and at any pressure, if reliable data on physical
properties are available.

Based on Eq. 11.9, following calculation formulas are recommended specifically for water in nucleate boil-
ing, in the pressure range 0.2-100 ata:

Mnocteate = 3:133-4°7 P*° W/(m®C) (for water..(11.10a))
and,
Mocteate = 45.054- AT PO W/(m?C) (for water...(11.10b))
In the above equations g is the heat flux in W/ m?, P is the pressure in bar, and AT is the excess temperature
in deg.C.

Peak (or, maximum) heat flux in nucleate pool boiling:
During the design of heat transfer equipments (e.g. boiler tubes), it is extremely important to have an idea about
the peak heat flux, so that steps can be taken to avoid a burnout.
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Leinhard and Dhir (1973) give the following correlation for peak heat flux in nucleate pool boiling:
1

colpy — 4
qu=Co-hfg~pv-[o-—g(£g*mjl W/m? {1111
PV

where, C, = 0.149 for a large hotizontal surface
and, C,= 0.116 for a large horizontal cylinder.

Unlike the nucleate boiling flux, peak heat flux depends on heater geometry and orientation.

Eq. 11.11 indicates that water will have larger peak heat flux than any other common liquids, because of its
large heat of vaporisation. Also, peak heat flux is a function of operating pressure, since the pressure affects the
boiling point, which in turn, affects the heat of vaporisation and surface tension. According to experimental data,
peak heat flux initially increases sharply as the pressure is increased, reaches a maximum, then decreases to zero
at critical pressure. This trend is shown clearly for water, in Fig. 11.4.

In Fig. 114, on X-axis, we have the ratio of P/P,, and on Y-axis is plotted the ratio (peak, p/ Tpeax, 1), Where
qpeak, p is the peak heat flux at the operating pressure P and peak, 1 18 the peak heat flux at one atm. pressure. At
tﬁ; maximum point in the curve, we have:

P/P_ =035and q,., p/ Tpeak, 1 = 3.2. Remembering that for water, P, = 225 ata, we see that 7 peak = 4.652 x 10°
W/m? must occur at P = 80 ata.

In addition to peak heat flux, the excess temperature at peak heat flux is also important to determine if the
surface of the heater would reach the burnout point at a given peak heat flux. Experimental values of peak heat
flux and the corresponding excess temperature are given in Table 11.3 for a few fluids at 1 atm. pressure:

Another relation for peak heat flux on horizontal cylinders, which fits experimental data very well, is
presented by Sun and Lienhard :

Pmax . _ 0,89 +2.27 exp (- 3.44-JR') W/m’ for 0.15 < R’ < 3.47..(11.12a)
fmax T

Variation of peak heat flux for water
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FIGURE 11.4 Voriation of peck heat flux with pressure for water

TABLE 11.3 Peak heat flux and critical temperature for a few liquids at one atm. pressure

i o A RO D e
Qoak 1 (W/M?) 12 x 10° 150 30
AT,,_;(deg.C) 25-30 1 1 2
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Amax 0,894 W/m? (for R’ > 347..(11.12b))
Amax F

where, R’ is a dimensionless radius defined as:

ag
and, g, r is the peak heat flux on an infinite horizontal plate, given as:
1

1
R = R_[S'(ﬂL *Pv)]f

Trax £ = 0_131.‘[;.;1&. lo-g-(pp - py)]* W/m? . {for infinite horizontal plate..(11.13))
Another useful correlation for peak heat flux in nucleate boiling is from Russian literature:
o5 13 11
ki = (oL — pyilov e (T + 273)1° 024
e = 1.7-10% -5 PLZPy) 7P . fgl sat keal/(mhr) ~(11.14)
pi*-C ;E;L

Note the unis in the above equation pin kg/m” o in keal/kg, ain kg/m, k in kcal/(m hr C), u in kgs/m?, G
in keal/(kgC) and subscripts L and V refer to liquid and vapour, respectively.
When all terms are expressed in S.I. Units, as in Eq. 11.5, above equation becomes:

13 1 1
K230, — pv) 28 Loy e, (To +273)]3 -0 24 :
o = 4152 (oL = pv) [p‘; f‘*’l( sat +273)] W/m? .(11.14b)
N pE2.C;:L

Advantage of Eq. 11.14b is that peak heat flux is presented as a function of physical properties of the fluid
only; therefore, it can be used to calculate ‘g,,,” for any fluid and at any pressure, if reliable data on physical
properties are available.

Minimum heat flux:

This occurs at point D in Fig. 11.2; minimum heat flux represents the lower limit of heat flux in film boiling. For
a large, horizontal plate, Zuber derived the following relation {modified by Berenson in 1961) for minimum heat
fhux:

1

o - 4

Qi = 0.09 -9y b [MP—L"Z‘”] W/m? (11.15)
(pr +pv)

Film boiling:

Heat transfer coefficient in stable film boiling regime on a horizontal cylinder or sphere is predicted by Bromley’s

correlation:

1
oDy - ou V. ko |4 A
by =C,.| 22V b =Py ) e kv 1 o iy -(11.16)
ﬂV'(Ts -Tsat)'L
where,
Bpp=hpp + 04 Cpy (T, - Ty _
C,=062and L=D {for a horizontal cylinder)
C,=067and L =D (for a sphere)

For a very large diameter tube (diameter IJ) or a horizontal surface, Eq. 11.16 is valid, with the following
value for C, (Westwater and Breen, 1962):

0.69-4

G = (0.59 + ] and, L=4
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[ }2
and, A=2-1x- -
g(pl_ pV)

Note that for a horizontal surface, C, = (.59, since D —
Vapour properties in Eq. 11.16 are evaluated at the mean film temperature,
Ty = (T, + To)/2
As stated earlier, during stable film boiling, at high temperatures (> 300°C), thermal radiation effects become
significant and Bromley suggested using an overall heat transfer coefficient given by:
Bo=hgy + 075k 4 (11.17)

and, k4 is given by:
ows‘»(T;1 - Tsit)

(Ts = Tsar)
where, o= 567 x 107° W/(m’KH (Stefan—Boltzmann constant)
and, ¢ is the emissivity of the heated surface.
Also, remember that in Eq. 11.18, the temperatures T, and T,,, must be in Kelvin.

Heat flux in stable film boiling is easily calculated, once the heat transfer coefficient is determined, ie.
Gsim = 1 (T, = Tog) W/m, .(11.19)

11.3.7 Simplified Correlations for Boiling with Water
Since water is one of the most commonly used fluids in practice, it is useful to have some simplified correlations
for boiling water.

Jakob and Hawkins (1957) presented foliowing simple relations for water boiling at atmospheric pressure on
submerged surfaces:

Heat transfer coefficients at pressures other than atmospheric may be calculated using the following empiri-
cal equation:

Bead = W/(m’C) .(11.18)

0.4
hy = [ﬂJ (11.20)
Pa

where,  k, = heat transfer coefficient at any pressure p,
h, = heat transfer coefficient at pressure p, (= 1 atm.} from Table 11.4.

TABLE 11.4 Simplified relations for boiling heat transfer coefficient for water ot one atm. pressure

Horizontal: g, < 15.8 1040 x (AT
158 < q, < 236 5.56 x (AT,)®

Vertical: g, < 3.15 539 x (AT,)"7
3.15 < g, < 63.1 7.95 x {AT,)®

Exomple 111, Water at a pressure of one atm. is boiled in a polished copper pan, 300 mm diameter. If the surface
temperature of the pan is 110°C, (a) calculate the boiling heat flux and the heat transfer coefficient. What is the evapora-
tion rate of water? (b) compare the nucleate boiling flux with the maximum heat flux (¢} compare the values of heat
transfer coefficient obtained from Rohsenow’s correlation with those obtained using Collier's, Mostinski’s and Russian
correlations.
Selution,
Data:

T,=110°C Ty =100°C d:=03m  C,:= 0013 (from table 112)

Properﬁeé of water at T, = 100°C are:
pr =984 kg/m®  py=05955 kg/m®  Cp = 4220 j/kgK) 4 =279 x 10 kg/(ms})  Pr, =175
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by = 2257 % 10°j/kg o=589x 10 N/m  n =1 {exponent n in eqn. 11.5} (exponent ‘n’ in egn. 11.5)

g =981 m/s

Since AT is 10 deg.C. it is reasonable to assume that correlation for nucleate boiling regime is applicable. Then, we

have, for heat flux:

1 3
. - 7 | Cp (T, - T,
Grucleate = ﬂi—'hfg' [3 (o pv):l2 { pL { |)] w/m2

o Cos-hyg Pr v
ie. Frucleate = 1396 % 10° W/m®
Heat transfer coefficient:
We have: h:= hugee W/(m2C)
(Ts _Tsa()
ie. I = 1.39 x 10* W/(m’C)

Evaporation rate:

A2
Total amount of heat supplied: Q = Gucleare [Ld—) W

4
ie. Q =9.869 x 10° W
Therefore, evaporation rate of water: m = 2 kg/s
i3
ie. m = 4373 x 10 kg/s
ie. m = 15742 kg/h

(b) Maximum heat flux:
We have, from Eq. 11.11 for a horizontal surface:

1
Fo(p — 1
Qmax = 0.149-hf3-pv-[-4i(p%p—‘1):| W/m?
Py
ie. fae = 1:259 % 10° W/ m?
Thus, actual heat flux is much smaller than the critical (max) heat flux.
Let also check the actual heat fiux using Collier's correlation:

We have: P =225 atm
P:=1atm
AT, =T, - Ten

We have, from Collier’s correlation:

P 017 p 1.2 P 16758
Frmcleate = 0.000481-AT83'33Pff-{l,s-(wp—) +4-[P—] HG'(F} } W/m?

0. Guuclone= 8969 x 10* W/m?
Compare this value with 1,396 x 10°, obtained using Rohsenow's correlation.
Let us also check the actual heat flux using Mostinski’s correlation:

0.566
P
Houcleate = 0-00341'(Pcr)2.3' (ATP)Z-B{P—] W/(mic)
ie. Hyuciease = 8739 % 10° W/(m*C)
and, Fnucleate -~ hnucleate' ATE
ie. Gnucteate = 8739 % 10 W/m®.

-(11.5)

{11.11)

(critical pressure for water)
(operating pressure)

117
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Again, compare this value with 1.396 x 10°, obtained using Rohsenow’s correlation, and 8.96% x 10%, using Collier’s

correlation.
Also, from Russian literature:

B peteate 1= 45.054 AT PP W/(mn’C)
fe Bructeate = 9632 x 10° W/{m*C)
and, d nucleate *= h nucleate’ ATe
ie. Drosconte = 9632 X 10 W/m’.
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Thus, it may be noted that these empirical relations can give values that differ from each other considerably.
(c) comparing the values of h from different correlations:

h = 1.396 x 10* W/(m’C) ...Rohsenow’s correlation
b = 8969 W/(m°C) ...Collier's correlation
h = 8739 W/(m?C) ...Mostinski’s correlation
h = 9632 W/(m’C) ..Russtan correlation.

Example 11.2. A nickel wire, 1 mm diameter and 300 mm long, is submerged in a water bath open to atmosphere. What
is the value of current flowing through the wire that will cause burmnout, if the applied voltage is 10 V?
Solution.
Data:
To=100°C R:=00005m L:=03m V=10V
Properties of water at T,,, = 100°C are: :
pL =984 kg/m®  p, = 0.5955 kg/m’ Cpr = 4220 J/(kgK) g1 =279 x 1075 kg/(ms)  Pr, =175
hye 1= 2257 x 10° J/kg  0:=58x10°N/m g := 981 m/s
This is the case of a horizontal cylinder. So, let us use Eq. 11.12.
First, calculate the factor R

1
.- nfEzen]’

o
ie. R =02 (dimensionless radius < 347)
Therefore,
max _ 0,89 + 227-exp (-3.44VR") W/m? _for 0.15 < R’ < 3.47 ~(11.12a)
Gomax F
and, § 5 is the peak heat flux on an infinite horizontal plate, given as:
L
Pt == 0131 [ o, hy [o8 (o, - p)|* W/m? _for infinite horizontal plate ~(11.13)
ie. Gracr = 1.107 x 10° W/m? = (for infinite horizontal plate.)
From Eq. 11.12a we get:
Smex 1378
max F
ie. Gmax = 1.378 - ook
ie. Goax = 1.525 x 10° W/m? . maximum heat flux for horizontal cylinder

This is the value of burnout flux.
If V is the voltage, I the current through the wire, we have:

v
fmax = X RL
2.7-R-
ie. I:= %&E A -.current through the wire
ie. I=143724 A «current through the wire,

Example 11.3. A horizontal, metal-clad heating element, 10 mm diameter and of surface emissivity 0.85, is submerged in
a water bath. Surface temperature of the heating element is 300°C. If the water is at atmospheric pressure, calculate the
power dissipation per unit length of the heater,
Solution,
Data:

T :=100°C D:=001m L:=1m T,:=300C £:=085 p, = 9584 kg/m’

hp=2257 x 107 J/kg g =981 m/s®  &:=567x 10°° W/(m?Kh

Since the excess temperature is (300 - 100) = 200°C, it is film boiling region. We need properties of vapour at the
mean film temperature of (300 + 100)/2 = 200°C.
Properies of vapour at 200°C:

ky = 0.0875 W/(mK)  py =785 kg/m’ gy =157 x 10 kg/(ms) G,y := 2910 J/(kgK)

W i= gy + 04 Cpp o (T, - T,p) Lie. by = 249 x 10° [ /kg
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Then, for a horizontal cylinder, we have:

& Pv-(p —pu) by, k3
Hye (T T.)L

hﬁi.m = Ca[

with C, = 0.62 and L = D..for a horizontal cylinder

J W/(m?C) (11.16)

/ 1
Do - - R k20
& Pv- (P~ pv) Ry Ky W/(m®C)
#y (T - Tsat)'D
ie. Ry = 461161 W/ (m’C) (film boiling heat transfer coefficient)
Radiative heat transfer coefficient is given by:

_ oe (T, +273)" (T, +27%)"]

ie. B = 0,62—[

. 7
Prag T-T.) W./{m"C) ..{11.18}
ie Bog = 21313 W/(mPQ)
Therefore, the ‘total” heat transfer coefficient is given by:
= hgm + 075k g W{11.17)
ie. h = 477.145 W/(m*C)

Therefore, power dissipation per unit length of heater:
Q=h(z-D-L)(T,-T,) W/m

ie. 2= 2998 x 10° W/m.
Example 11.4. A large, horizontal plate is kept immersed in a water bath boiling at 1 atm, 100°C. Surface temperature of
the plate is 260°C. Calculate the heat transfer coefficient and the heat flux. Assume the emissivity of the surface as 0.9.
Solution.
Data:

T :=100°C  T,:=260°C  £:=09 p :=9584kg/m’ kg = 2257 x 10° J/kg

2:=981m/s® ©:=589x107" N/m

Since the excess temperature is (260-100} = 160°C, it is film boiling region. We need propertles of vapour at the
mean film temperature of {260 + 100)/2 = 180°C.

Properties of vapour at 180°C:

ky = 003268 W/(mK)  p, =516 kg/m®  u, = 151 x 107° kg/(ms) C,yv = 2709 ]/ (kgK}

W= R + 04-Cpp-(T, - Ty L. Bf,, 7= 243 x 10° J/kg

Then, we apply Eq. 11.16:

1
8Py - pv )i kS | 2
heyo, = Cye - W/(m“C) .{11.16)
flm [ Hy (T, = T) L : .
where, for a horizontal surface, we have:
L=A4 and,
C, = (0.59+ 0'69"1J where, D - o
ie. C,:= 059
1
2
and, A=27|—F
g (P —pv)
e A=0016 m -

Then, fitm boiling heat transfer coefficient:

1
g pv(oL—pv)hg ki !

Hem = Gy : W/ (m™C).

o [ sy AT, ~ T 2 =)

Le. . g = 337.783 W/ (m’C)
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And, radiative heat transfer coefficient:

o= 567 x 107 W/(m*K*) (Stefan—Boltzimann constant)
e 4 _ 4
hoyy = TEUL AT = (T + 27371 gy /20y -{11.18)
(T.-T,)
ie. b = 19.567 W/(m*C)

Note: Use absolute temperatures in Eq. 11.18 for radiative heat transfer.
Therefore, the ‘total’ heat transfer coefficient is given by:
’ Bo=hgy + 075 k4 {(11.17)
ie. h = 352458 W/{m’C)
and, the heat flux:
q=h-(T, - T} W/nd?
ie. q = 5639 x 10" W/m?%,
Exemple 11.5. Water is boiling at 8 atm. on the surface of a horizontal tube, whose wall ternperature is maintained at
8°C above the boiling point of water. Calculate the nucleate boiling heat transfer coefficient
(b) What is the change in the value of heat transfer coefficient when (i} temperature difference is increased to 16°C at the
pressure of 8 atm., and (ii) pressure is raised to 16 atm. with AT, = 8°C. '
Solution.
Data:
AT, = 8°C P, =1 atm P := 8 atm
Now, we use the following relation (assuming g > 15.8 kW/ m?), from Table 11.4:

P 0.4
(g

where, h, = 5.5 -(AT,)? W/(m%K) {at atmospheric pressure)
Therefore, h, = 2.847 x 10° W/{m’K) (at atmospheric pressure)
and,
P
h, = h,-| —
p ‘ { PE )

ie. h, = 6.54 x 10" W/(m’K) (at B atm. Pressure)
ie. h, =654 kWHm*K) (at 8 atm. pressure.)
(i) Now, when the AT is increased to 16°C, with the pressure remaining at B atm.:

AT, =16

P 0.4

h, = 5.56 AT [EJ
ie. hy = 5232 x 10* W/(m’K)
je. h, = 52.32 KW/(m?K}
i.e. heat transfer coefficient increases by about 8 times as compared to the earlier value when AT was 8°C.
(ii) When the pressure is increased to 16 atm., with the AT remaining at 8°C.:

AT, = 8°C
P := 16 atm.
Again, we have:

P 0.4
h, = 5.56- AT, [E'J

ie. hy, = 8.63 x 10> W/(m’K)
ie. h, = 8.63 kWHm’K)
i.e. heat transfer coefficient increases by about 32% as compared to the original value at a pressure of 8 atm.

11.3.8 Flow Boiling

Flow boiling or boiling in forced convection, is important in the design of boiling nuclear reactors, in spacecrafts
and space power systems.
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In flow boiling, a fluid is forced to move over a heated surface gy,
while the phase change occurs. Therefore, combined effects of natu- 4
ral/forced convection and pool boiling come into play.

Flow boiling is classified as:

(i) External flow boiling, and

(ii) Internal flow boiling. High velocity

(i) External flow boifing In external flow boiling, flow occurs over

the surface of a plate or cylinder; there are the flow regimes similar

to that in pool boiling, but due to the effect of flow velocity, both

the nucleate boiling heat flux and the critical heat flux get en-

hanced. See Fig. 11.5. For water in external flow boiling, critical Low velocity

heat flux value as high as 35 MW/ m? has been obtained (as com- Free convection

pared to the value of 1.3 MW/ m? in pool boiling at one atm.). >
For cross flow over a cylinder of diameter D, Lienhard and AT,

Eichhorn have given following correlations, depending upon {deg.C)

whether the fluid velocity is ‘low” or ‘high’. o
Criterion to determine if the velocity is low or high is: FIGURE 11.5 Effect of f.l'?w velocity in

external flow boiling

1
max (0'275)-[&J2 +1f  (low velocity)

Pyl V z Py
and,
_ L _
—Amax ¢ (@)(&Jz +1|  (high velocity)
Py bV z Py 5 Y
Correlation for low velocity:
1
3
_fma 1), ( 4 {11.21)
pV-hfg-V Ea Wep
Correlation for high velocity:
3 1
[p_LT (&JZ
Gmax  _\Pv) . _\Pv - (11.22)
pV'hfg'V 1697 1
19.2.7-We }

Here, V is the fluid velocity and Wep is the Weber number, defined as the ratic of inertia forces to surface
tension forces, i.e. :

py V3D

(el .
{ii) Internal flow boiling Internal forced convection boiling refers to flow inside a tube. This is more complicated
since, now, there is no free surface for the vapour to escape and results in two phase flow inside the tube. There
are different flow regimes occurring inside the tube depending upon the ‘quality” of the fluid. (‘Quality” is de-
fined as the ratio of mass of vapour to the total mass of fluid at a given location). This is illustrated in Fig. 11.6,
which also shows a qualitative graph of variation of heat transfer coefficient with local quality.

Consider a fluid, at a temperature below its boiling point, entering a vertical, heated tube. Progressive va-
porisation occurs along the length of the tube and the ‘quality” increases. Up to a short distance from the inlet,
heat transfer coefficient for the single phase fluid may be predicted using the Dittus-Boelter equation.

Wep = .(11.23)
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(a) Bubble flow (b} Slug flow {(c) Annular low  (d) Mist fiow

h 4 Forced convection {lig) - Annular—mist Forced
transition .
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bo, o 1A 4 ]
i . Annuiar Mist flow

|
0 Quality (%) 100

Y

FIGURE 11.6 Flow regimes and heat transfer coefficient in forced convection flow in @ vertical tube

Bubble—flow regime Soon, the bulk temperature reaches the saturation point, and bubbles are formed at the
nucleation sites on the wall and are carried into the main stream, as in nucleate boiling. This is known as the
‘bubble flow regime’ (see Fig. 11.6 (a)) and the heat transfer coefficient increases. Heat transfer coefficient in this
range can be predicted by superimposing the liquid—forced convection and nucleate pool boiling equations.
Slug-fiow regime Further along the distance, vapour fraction increases and individual bubbles agglomerate
and slugs of vapour are formed. This regime is known as ‘slug flow regime’. See Fig. 11.6 (b). Fluid velocity
increases and since the slugs of vapour are compressible, flow oscillations may occur. Mass fraction of vapour in
this regime is around 1 %, but volume fraction of vapour may be even up to 50 %. In this regime also, heat
transfer coefficient may be calculated by superimposing the liquid—forced convection and nucleate pool boiling
equations. Heat transfer coefficient increases because of increased velocity.
Annular—flow regime As the fluid progresses further up the tube, quality increases due to further addition of
heat and vapour forms the core and a film of liquid flows on the inner wall surface. Vapour core travels at a
higher velocity than the liquid and vapours are formed primarily at the liquid-vapour interface and not at the
wall surface. Quality in this flow regime may be up to 25 %. See Fig. 11.6 (c).
Transition—fiow regime Now, as the quality increases, there is a sudden drop in the value of heat transfer coef-
ficient. Heat flux at this point is known as ‘critical heat flux’. This is the point of dryout. This sudden drop
happens since the liquid film at the wall is now replaced by a vapour film, which has a poor thermal conductiv-
ity. There may be sharp increase in the wall temperature and even burnout may occur.
Mist-flow regime Now, the tube is fully occupied by the vapour, which may contain droplets of liquid. This is
known as mist-flow regime. See Fig. 11.6 (d). Heat transfer is from the wall to the vapour directly, and then from
the vapour, heat is transferred to the droplets of liquid contained in the vapour.

From the annular-flow regime onwards, prediction of heat transfer coefficient is a little difficult and uncer-
tain due to problems of two phase flow.

Correlations to find out heat transfer coefficient in nucleate flow boiling as well as in two—phase flow boiling
are presented below:
Correlations for nucleate flow boiling: .
Rosenhow and Griffith {1955) have suggested that total heat flux be calculated by adding the nucleate pool
boiling flux (from Eq. 11.5) and the forced convection effect (from Dittus-Boelter equation with the coefficient
0.023 replaced by 0.019),
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iLe.

Gtotal = Fnucleate + Frorced convection . -(11.24)
For forced convection flow inside vertical tubes, following correlation is recommended:
_r
h =254 (AT, e W/(m?K) . .(11.25)

where, AT, = T, - T_,, , and p = pressure in mega pascals.
Above equation is valid for the pressure range of 5 to 170 bar.
For horizontal tubes, McAdams et.al. suggest following relation for low pressure boiling water:
§=2253- (AT ® W/m? _for02<P<07MPa - ..(11.25a)
For higher pressures, Levy recommends:
4
g =2832-P3. (AT, W/m® ..for 0.7 < P < 14 MPa ..(11.25b)
Here, the pressure P is in mega-Pascals.
Correlations for two-phase, flow boiling:
Beyond the saturated nucleate boiling, there is annular—flow region, and Chen’s correlation (1966) has been
widely used for two-phase heat transfer calculations.
Here,
h=h +h,
where, ki, is the contribution due to annular region and h, is the contribution due to nucleate boiling region. We
have: :

0.8
h, = 0.023- ca-xD ~Pr2-4-k—1-1f ..(11.26)
T D
and,
kﬁ”-c 0'45-;00'49
pL FL 0.24 0.75
By = 0.00122 | ——pdmm o | AT AP .(11.27)
Hy 'hfg Py

AP, = change in vapour pressure corresponding to a temperature change of AT,.
_ (Ts _Tsat)'hfg
= Toar (v —v1)
‘v’ is the specific volume.
S.I. Units are used throughout.
Parameter F is calculated from:

F = 1.0 when TL <01
#

1 0.736 1
and, F= 2.35-[— +0.213J when — > 0.1
Xy #

1 0.9 0.5 0.1
where, L = {L] [EL_J (ﬂ_vJ
Xi 1-x Pv HL

Parameter 5 is given by:
S =(1+012-Re;p"™ ! for Regp <325
S ={1+042-Re,"™! for 32.5 < Repp <70
S=0.1for Reqp> 70
where, Reynolds number Reyp is defined as:
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Repp = M.FI-Z5.10"4
M

Chen’s correlation has been tested for several systems (including water) for pressures ranging from 0.5 to 35
atm and quality “x’ ranging from 1 to 71%.
More recent correlation For flow boiling, recent correlation is due to Klimenko (1988). This is for a liquid boil-
ing at a pressure P, in a pipe with a wall thermal conductivity of k,, and cross-sectional area A_. This correlation
is valid for both nucleate boiling and annular film boiling up to dry out.

First, we have to determine whether it is nucleate flow boiling regime or annular film boiling regime. This is

done by evaluating parameter ¢:
1
By 3
o= 08, 1+x-(ﬂ—1J [ﬂ)3 (11.28)
9 A Pv pL

LA L — (11.29)
m (my + my)

Quality ‘x’ is defined as:
where, my, is the mass of vapour and m, is the mass of liquid, and m = (my + m;}
Nucleate flow boiling (¢ < 1.6 x 10%:
~1 015
Nu=74-10" ()% (P)". Pr 3 [—WJ ~{11.30)

kp

where,

1

[e3 2
L=|—2
‘ [g-wrpv)]

o qLc
g=7—"—"
hro-Py.-ay

Annular film boiling (¢ > 1.6 x 10%):

1 0.2 % 0.09
Nu = 87-107% Re®®- pr § [p—"] [-—’-"-J ~(11.31)
PL k.
where,
Re= PV L
H

and, V=

ol (5]

All properties are evaluated at temperature T,,,.
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The actual, effective heat transfer coefficient due to beiling and single phase forced convection is obtained
as:
1
b= (b +n2)3 {11.32)

Example 11.6. Water at 8 atm. flows inside a vertical tube of 2.5 cm diameter under flow boiling conditions. Tube wall
temperature is maintained at 8°C above the saturation temperature. Determine the heat transfer for one metre length of
tube.
Solution.
Data: )

D:=0025m Li=1m AT, = 8°C P =8 atm i.e. P := 8.0 x0.10132 MPa i.e. P := 0.811 MPa

We apply Eq. 11.25

P

b= 254 (AT, S W/(mPK) ..{11.25)

where, P is in mega Pascals
Therefore, h=2.193 x 10° W/(m*K)
Then, heat transfer for 1 m length of tube:
Q:=h (. D-LyAT, W/m
ie. Q= 1378 x 10° W/m.
Example 11.7. A 50 mm diameter vertical evaporator tube (k, == 20 W/{mK)) carries 1 kg/s of steam at 14.55 bar at a
quality x = 0.2. The tube is subjected to a uniform heat flux of 10° W/m’. Identify the regime of flow boiling and
calculate the convective heat transfer coefficient and surface temperature of the tube.
(b} when the quality reaches 0.8, what is the boiling regime and how much is the boiling heat transfer coefficient?
Solution,
Data:
D:=005m P:=1455x10° N/m® T, = 470 K(at 14.55 bar)  hg, := 1951 x 10° | /kg (at 14.55 bar)
m=1kg/s x:=02 k,:=20W/(mK) p :=868056kg/m’ p,:=7353kg/m’ Kk :=0.667 W/(mK)
Gy = 4480 J/(kgK) g =136 x 107® Ns/m* Pr; =092 o= 0.0385 N/m (surface tension}
g:=10° W/m* g:=98lm/s’
Cross-sectional area of tube:

R
A, = z D
4
ie. A, =1.963 x 107 m? (cross-sectional area of tube)
First, find out the parameter @ to determine if the flow boiling regime is nucleate or annular-film:
We have:
L
m-h 3
o= s 1+x.[&_1] .(P_V} ~(11.28)
9-A Py P
ie. © = 4944 x 10°

Since @ < 1.6 x 1%, it is nucleate flow boiling regime.
Heat transfer coefficient:
We use Klimenko's correlation to determine the boiling heat transfer coefficient ;.

From Eq. 11.30:
1l 0.15 )
Nu = 7.4-107 3-(g")°%- (P")°>. pr 3. [k_WJ ...(11.30)
L
where,
Nu = hy L
k

|

L= [__‘1_] ie I =2135x107
g —pv) '
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o = ( ku J ie. @ =1715x 107 m?/s (thermal diffusivity)

PrCu
g’ = _ el ie. g = 867.855
heo -py.-ay
p=fl e posorxics
o
Therefore,
1 (g 0.15
Nu = 7.4 x 107 (g5 (P¥®5. pr 2 [k—“’J (1130
L
i.e. Nu = 208.613 (Nusselt number)
and, By = Nk
LC
ie. hy, = 6.516 x 10* W/(m’K) (boiling heat transfer coefficient)

Single-phase forced convection heat transfer coefficient h,:
We use Dittus-Boelter equation, namely,

Nu = 0,023 -Re 2% pr 04

Now, Re, = {m]e
A M
ie Re, = 1.498 x 10° (Reynolds number for liguid flow)
Then, Nu = 0.023 Re,*® pr,04
ie. Nu = 307.352 {Nusselt number)
Therefore, h. = ML—
ie. h, = 41 x 10° W/{mK) (single-phase convection heat transfer coefficient)
. Therefore, total or effective heat transfer coefficient:
Total or effective heat transfer coefficient is given by Eq. 11.32:
hi= (B +R2) .(11.32)
ie. h = 6517 x 10* W/(m’K) (total heat transfer coefficient)
Tube surface temperature:
We have: g = hAT, (heat flux)
Therefore, AT, := % °oC’
ie AT, = 15.345°C
and, Ts i= Ty, + AT,
ie. T, = 485.345 K
ie. T, = 212.345°C (tube surface temperature.)
(b} When quality, x = 0.8:
x:=08 (quality)
We have:
3 1
m- E)
® = 15, 1+x{&_1] (?LJ ~(11.28)
, q-A Pv o
ie. @ = 1.917 x 10°

Since @ > 1.6 x 10%, it is annular-film flow boiling regime.
In this regime, Klimenko's correlation for boiling heat transfer coefficient is:
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1 vz 0.09
Nu = 8.7 x 10 2.Re™. Pr § {”—") ("—w] -(11.31)

AL ky
where, Ve -2 1+x-{ﬂ-1} ie. V=55528m/s
Acpy Pv
and, Re= 2Vl o Re= 7568 % 10°
Hy
Therefore,
1 7y 0.09
Nu = 8.7 x 1072-R™® . pr § -(L’L] (—‘"J
P ky
ie. Nu = 151.142 (Nusselt number)
and, By = Nu—kL
L.
ie By = 4721 x 10" W/(m’K) ...annularfilm boiling heat transfer cogfficient

Compare this value with i, = 6.516 x 104, obtained eartier for nucleate flow boiling, It is as it should be, since in
annular film flow boiling, the heat transfer coefficient is less than that in the nucleate flow boiling,
Example 11.8, In Example 11.7, if the tube surface is maintained at a constant temperature of 227°C, calculate the total
heat transfer coefficient and surface heat flux at the point where the quality is 0.2. Rest of the data are the same as in
Example 11.7.
Solution.
Data:

D:=005m P:=1455-10°N/m® T, =470 K (at 1455bar)  h = 1951 x 10° J/kg T, := 500 K

~ AT, =T,-T, P, =264 bar, corresponding to 500 K ie. AP, = (26.4 - 14.55) x 10° N/m*  m:=1kg/s

x =02 {quality)  p, == 868.056 kg/m®  p, = 7353 kg/m" k= 0.667 W/(mK)  C, := 4480 J/(kgK)
=136 x 108 Ns/m? g = 1554 x 10° Ns/m?  Pr, =092 0:=0085N/m g:=981m/s

Cross-sectional area of tube:

2
A ED
4
ie. A, = 1963 x 107 m?
Now, let us use Chen’s correlation.
We have:
h=h+h
where, h, is the contribution of single-phase convection and k, is the contribution of boiling region.
0.5
= 0023 GA=AD pos K g .(11.26)
He D
and,
6 -Cﬂiﬁvpg'”
By = 000122 | P = [ AT #.AP TS (1127
{60.5 h}]xﬂﬂ{,]_Zg p3.24 ] ) sat

First, let us calculate 1/X,,, so that factor F can be calculated:

0.9 0.5 01
1 (= .[&J [E_]
Xu 1-x Pv My
1 '
ie. — = 2512
xﬂ

This is greater than 0.1, Therefore,

H H

1 0.736 1
F:=235 -[—--+0.213J when r > 0.1
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ie. F = 2.091
Also, G, the mass velocity is:

G=2
Ac
ie. G = 509.296 kg/(sm®)
Then, we have:
0.8
h, = 0.023- [M] pros kg (11.26)
He D
ie h, = 8573 x 10° W/(m’K) (convective heat transfer coefficient)

and, to calculate h,, we need to calculate the factor S, after finding out Rerp,:

Repy = SL=XD prias s
A
ie. Regp = 37.665 YTwo-phase Reynolds number)
Then, we have:
5:= (1 + 042 Re 7™ for 32.5 < Repp < 70
ie, §=0123
Therefore,
OP o0 08
y = 0.00122- [00_5 Lﬂ = -:,;’ﬂ:.pa-“ ATOH . APOB g .(1127)
ie. h, = 1.385 x 10* W/(m2K) (boiling heat transfer coefficient)
Then, total heat transfer coefficient h:
' h:=h +hk
i.e. h = 2.243 x 10* W/(m’K) (total heat transfer coefficient)
And, surface heat flux at that point where x = 0.2:
g = h-AT,
7 = 6.728 x 10° W/m? (local heat flux.)

11.4 Condensation Heat Transfer

11.4.1 Introduction

Condensation heat transfer has important practical applications, e.g. in thermal power plants, low pressure ex-
haust steam from the steam turbine is condensed on the outside of water cooled tubes of a condenser; in vapour
compression refrigeration and air-conditioning systems, the refrigerant is condensed inside tubes of the con-
denser, in the condenser-reboiler of cryogenic distillation columns, etc.

Whenever a saturated vapour at a temperature T, is brought in contact with a surface maintained at tem-
perature T, such that T, is less than T,,, vapours condense on the surface. Thus, in a way, condensation is the
‘reverse” of boiling process. While condensing, naturally, the vapours will release the latent heat of vaporisation.

The vapours may condense on the surface in one of the two modes: ‘film-wise condensation’ or ‘drop-wise
condensation’.

In film-wise condensation, say, on a vertical surface, vapours condense on the surface and drip down
forming a continuous liquid film on the surface. Thickness of the condensate film increases as it travels down
towards the lower (or trailing) end of the plate. During the condensation process, latent heat of vaporisation is
released by the vapours. For further condensation to occur, the released latent heat has to be conducted through
this liquid film to the cooled surface at temperature T,. However, the liquid film offers resistance to the flow of
heat and this resistance increases as the thickness of the film grows. Film-wise condensation occurs on surfaces
which tend to get ‘wetted". ‘

In drop-wise condensation, the vapours condense on the surface on drops, which drip down the surface. A
continuous film of liquid is not formed on the surface. Thus, more of the base area at temperature T is always
exposed to the vapours. Therefore, heat transfer rate is higher (up to ten times) in drop-wise condensation as
compared to the value in film-wise condensation. Generally, drop-wise condensation occurs on smooth surfaces
which do not get ‘wetted". '
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mode, in practice, it is difficuit to maintain this mode of condensation
since, with time, all surfaces tend to get wetted.

Attempts to achieve drop-wise condensation have been made ei-
ther by coating the surface with some suitable material or by adding
some additives to the vapours; but, commercially, these techniques
have not yet become viable.

11.4.2 Film Condensation and Flow Regimes Ts
Consider film condensation of a vapour at saturation temperature Ty
on the surface of a cooled vertical plate, maintained at a temperature
T, (< Tog)- See Fig. 11.7.

Vapour condenses on the top of the plate and flows down as a
glm. Thickness of the film {8} is zero at the top of the plate (i.e. atx =
0 in the coordinate system shown) and increases as we travel down
the plate (ie. as x increases) due to additional condensation of va-
pour. Initially, the liquid film flow is laminar; after some distance it
will becorne wavy and later, it may even turn turbulent. These differ-
ent flow regimes are identified according to a ‘film Reynolds
number’, defined as follows:

While drop-wise condensation would appear to be the preferred r ¥y .
x lg

Velocity profile
Liquid-vapour
Interface

Temp. profile

Vapour, T

FIGURE 11.7 Film condensation on a
vertical plate

Re, = Dy-pLVi
He
_AAp VL _ipVid_ Am (11.32)
Py Hi Pouy
where,
D, =4A/P=406= hydraulic diameter of condensate
flow, m

P = wetted perimeter of condensate, m
A, = P.&= area of cross section of flow at the lowest part of flow, m*
p, = density of liquid, kg/ m’
= viscosity of liquid, kg/ms
v, = average velocity of condensate at the lowest part of flow, m/s

AV, =m = mass flow rate of condensate at the lowest part of flow, kg/s.

For the common geometries of a vertical plate, vertical cylinder and a horizontal cylinder, hydraulic diam-
eter Dy, is equal to 4 times the thickness of the condensate, &, at the location where the hydraulic diameter is to be
evaluated; this is cleatly shown as follows:

For a vertical plate Let B be the breadth of the plate, perpendicular to paper. At any section along the vertical
height, let the thickness of the liquid film be 8. Then,
A, = B.d= area of cross section
P = B = wetted perimeter, and
D, = 4A/P = 4.0
For a vertical cylinder Let D be the diameter of the cylinder. At any section along the vertical height, let the
thickness of the liquid film be 8. Then,
A, = mD.§=area of cross section
P = m.D = weited perimeter, and
D, =4A/P =44
For a horizontal cylinder Let D be the diameter of the cylinder, and L the length. Along the length of the cylin-
der, let the thickness of the liquid film be &. Then,
A, =2L.& = area of cross section
P = 2.L = wetted perimetez, and
D, =4A/P=4.0
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Again, considering Eq. 11.32, for a vertical plate, wetted perimeter, P = B, the breadth; therefore, (m/P) is the
mass flow rate per unit breadth. If we denote (m/P) by m’, we can write for the vertical plate:

Re,= 27 (11.322)
H

Another point to be noted is regarding the latent heat of vaporisatiion {hy,) released during condensation:
Vapour at a temperature of Tsar comes in contact with the plate at a temperature of T, (< T} and condenses.
However, the condensed liquid is, invariably, further sub-cooled to a temperature somewhere in between T, and
Tyt thus releasing some more heat. Rohsenow (1956) suggested that this subcooling of the liquid can be taken
into account by replacing by, by a ‘modified latent heat of vaporisation’, h’, defined as:

Wy = hpy + 0.68-Cp (T - T)) ‘ ~(11.33)
where, C,; is the specific heat of Liquid at the average film temperature.

Similarly, if a superheated vapour at a temperature, T, enters a condenser and condenses, the superheated
vapour has to be cooled to T, first, and then condensed at Tsa and then sub-cooled to some temperature be-
tween T, and T, Then, modified latent heat of vaporisation is;

Fpe =he + 0.68-Cop (T -~ T} + Cov (T - Ty .-(11.34)
where, C,, is the specific heat of vapour at the average temperature of (T, + Tes}/2.

Then, rate of heat transfer in condensation becomes:

Qconden = M+ A- (T, - T,) = mh'y, ..(11.35)
where, A is the surface area on which condensation OCCUrs.

Then, from Eq. 11.35 and 11.32, we can write:

R€f= 4'Qcond:zn — 4'A'h'(Tsat’"Ts) .{11.36)
Puky " P
When either Q4. or / is known, it is convenient to use Eq. 11.36 to determine Re;.
Now, different flow regimes are identified according to the value of Reg as follows:
Rep< 30 (Liquid film is smooth and wave-free, ie. fully laminar.)
450 < Rey < 1800 (Liguid film has ripples or waves and the flow is wavy—laminar.)
Res> 1800 (Liquid film is fully turbulent.)

Heat transfer correlations vary depending upon the flow regime.

11.4.3 Nusselt's Theory for Laminar Film Condensation on Vertical Plates
Nusselt developed his theory for laminar film condensation on vertical plates analytically in 1916.

Consider a vertical plate maintained at a temperature T, and exposed to a saturated vapour at a temperature
of Toe- (T, < T,,p). See Fig. 11.8. Let the height of the plate be L and the breadth, ‘¥, Coordinate system is chosen
such that x-coordinate is to the downward direction, i.e. in the direction of flow of condensate and y-coordinate
is towards the right, as shown. Condensation occurs on the plate and the condensate moves down from top to
bottom. Thickness of condensate is zero at the top (i.e. at x = 0) and increases in the flow direction, due to
additional condensation of vapour. Since the liquid film offers resistance to the flow of heat from the vapour to
the cold surface, this also means that resistance to heat transfer is minimum at the top of the plate and the
resistance increases as one moves down in the flow direction.

Nusselt made the following simplifying assumptions in his analysijs:

(i) Flow of liguid film is laminar

{ii) Inertia force in the film is negligible (i.e. negligibie acceleration of the liquid in the film) compared to
viscosity and weight

(iii} Heat flow is mainly by conduction through the liquid film; convection in liquid as well as in vapour is
neglected.

(tv) Temperature is T, at the liquid-plate interface and T,,, at the liquid-vapour interface and the temperature
gradient between them is linear

(v) Velocity of vapour is low, i.e. there is no viscous shear force at the liquid-vapour interface

(vi} Properties of the liquid are constant.
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Volume element
&y

T dx
£
"t
£
Fy = weight = p, g{dy)(b.dx)
F, = shear force = p(du/dy)(b.dx}
3 = Buoyancy force = p,g{(dy)(b.dx)

Vapour, T,

FIGURE 11.8 Film condensation on a vertical plate—Nusselt’s analysis

Velocity profile:
Considering a volume element as shown, apply Newton's second law to get the velocity profile:
EF,=ma, =0
since the acceleration of the liquid film is negligible... by assumption.
5o, making the force balance:
Fyown = F up
ie. Weight = Viscous shear force + Buoyancy force

P90 = 4 o 6 0) + g (5 ) o)

du _ g(pL—py)(E-y)

-(11.37)

ie.
dy ML
Integrating from y = 0 (i.e. the plate surface) to y = y, and remembering thataty =0, u =0, and aty =y, u =
u(y), we get:
yZ
glon—pvh by =75
uly) =
Hy
2 2
ie. ugy) = $PL=pv)E zml.(.z]
Hi d 2.5
Egn. 11.37 is the desired equation for velocity profile.
And, the mean flow velocity of the liquid at a section is given by:
1 é
= - ud
o = 5 [y
0
1 o -p) & [y 1 (Y
e u =L j%. 1__.[1] dy
] ) H § 2\6
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. —_ - 2 V
ie. u, = $4PL=Py) 5" -(11.38)
3.y
Mass flow rate:
Mass flow rate of condensate through any x-position is given by:

Mass flow rate = density x area x mean velocity

o — 52
ie. m =ﬂ.(b,5).M

3-p,

m = pL(PL—PV)'g'b'§3 (11.39)
34
Note that mass flow rate is a function of position (x}, since the film thickness &'is function of x.
As we proceed from position x to (x + dx), film thickness increases from §to (8 + d8), and there is additional
mass ‘dm’ condensed. This additional mass ‘dm’ condensed between x and (x + dx) is obtained by differentiating
Eq. 11.39 w.rt. x (or §):

ie.

2
dm = [PL'(PL —lll-"v)'g'b“s ]-dﬁ ..(11.40)
L

Heat flow rate:
While condensing ‘dm’ amount of liquid, certain amount of latent heat of vaporisation is released; this is equal to:
dQ = dm-hy
3

2
ie. dQ = hy,- ["L {pL=py)gbd J.d(s -(11.41)

H

But, as per the assumption, heat flow through the liquid film is by pure conduction, with linear temperature
gradient. Therefore, we can write:

_ Ky -(bd)

ag 5

(T —T) -{11.42)

From Egs. 11.41 and 11.42:

(gL —py)gb o Ky -(b-bx
by | 2LLZEIEE | g5 O (g )
HL g

ie. 546 = kL (Toue - T, )-dx (Tsat — Ts) dx
PP~ pv)g-beg

Integrating the above equation with the boundary condition that §= 0 at x = 0, we get:

Ky thy AT = Todox |4
Sx) = | AR Ts — To) x {11.43)
PL(pL - pv) gy,

Eq. 11.43 gives the liquid film thickness as a function of position x. Note that the film thickness increases as
the fourth root of the distance along the flow direction. Increase is rapid at the top end of the vertical plate and
slows down later.

Heat transfer coefficient:

For the heat flow through the liquid film, we have:

ki -(b-8x)
J

dagQ =

Also, by Newton’s law of cooling;

) (Tsat - Ta)
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dQ = h-(b-dx)-(Tg, - T}
where, ki, is the local heat transfer coefficient
From the above two relations, we get:

E—(;ﬂ (Toat = To) = By (b-dx)- (Tgqy = T5)
. kL
) s {11,
ie ¥ 8 -

Note that at any position along the height, heat transfer coefficient is directly proportional to the thermal
conductivity k; of the condensate and inversely proportional to the thickness of the film.
Substituting the value of Jfrom Eq. 11.43 in Eq. 11.44:

|

[ o (0r = o)k -ohpo 14
= oL —py)ki-g by, (11.45)
4#LL(Tsat—Ts)

At x =L, i.e. at the lower end of the plate, local heat transfer coefficient is:
1

r 41—
pLoL — V) ki g g [*
4 pp - Lo(Toar — Tg)

hf.=

-{11.46)

Obviously, rate of condensation heat transfer is higher at the upper end as compared to that at the lower
end.

Average value of heat transfer coefficient over the entire height of the plate is of interest to calculate the total
heat transfer rate. This is obtained by integrating Eq. 11.45 over the height L:

1 L
havg = —I:-J‘hx dx
0

4

We get: By, =—"Hh «(11.47)
g avg 3 L

In the above, h; is the local heat transfer coefficient at x = [, i.e. at the lower end of the plate.
Substituting for k; from Eq. 11.46, we get:

1
Wt pL(PL— pv)ki g-hyg |}
Y83 4p LT -T)
1
Apr — pu)-kS-o-he, |4
ie. g = 0.943: puiPL— Py 8 By -(11.48)
ty L (Toa = T5)

Eq. 11.48 is Nusselt’s equation for average heat transfer coefficient for condensation on a vertical plate.

It is observed that in practice, experimental value of average heat transfer coefficient is about 20% higher
than that given by Nusselt's Eq. 11.48. So, McAdams suggested to use a coefficient of 1.13 instead of 0.943 in Eq.
11.48.

Nusselts equation underpredicts the value of k, basically because:

(a) it does not take into account non-linear temperature profile in the liquid film, and
{(b) it does not take into account the sub-cooling of the liquid film.
These effects can be accounted for by replacing g, in Eq. 11.48 by k', given by Eq. 11.33.
Then, we have, for average heat transfer coefficient for laminar film condensation on a vertical plate:
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PP~ pv)ki g b
Hy LTy - T)

where, Wio=hp+ 068 Cy (T -~ T,)
In the above equation all the liquid properties should be evaluated at the film temperature,
Ty= (T + T)/2 and hg and py, should be evaluated at T,,,.
It is desirable to get relations for heat transfer coefficient in terms of the film Reynolds number. Now, let us
define a dimensionless number called ‘Condensation number’, (Co) {or, ‘modified Nusselt number’] as follows:

4
Bag = 0.943.[ ] W/(m’C) ..for 0 < Re;< 30 ~(11.49)

[P

2 h
Co = A ave ...(11.50a)
PrPL-pv)g8} Kk
Since, g >> py, condensation number can be simplified as:
1 1
s \a 1
c, = M. a tavg iJs‘ .(11.50b)
ke \ptog ke | g

Then, Rohsenow (1985) has shown that above derived relation for heat transfer coefficient for condensation
on a vettical plate for the laminar regimes of condensate flow, can be re-cast as follows:
(a) L;lm'mar flow, {Ref < 30):
1
Co =147 Re; 3 (laminar) (11.51)

(b) In the laminar-wavy region, (30 < Ref < 1800):
Kutatelazde recommends following correlation:

Re
Co = f

=— 7 (laminar—wavy) (11.52)
1.08-Re}-2-’- -52 “

(c) For turbulent region, (Re; > 1800):
Labuntsov recommends following correlation for turbulent film condensation:

REf
Co= Vis
8750+58(R8f —253)-1-"1‘{ :

Egs. 11.51, 11.52 and 11.53 are depicted graphically in Fig. 11.9 below:

From Eq. 11.53, it may be observed that in the turbulent film condensation region, the condensation number
depends on liquid Prandt! number, Pr,, too, in addition to the film Reynolds number, Re;. This Prandtl number
dependence of Co in turbulent film region is clearly shown in Fig. 11.9 for Pr; = 1, 3, 5 and 10.

Above correlations for condensation on a vertical plate are applicable to condensation inside or outside
vertical tubes also, if the tube diameter is not too small.

Calculation formulas for all the three regions of film condensation on a vertical plate {or cylinder) are given
below:

Calculation formulas for laminar region, for vertcal plate are:

(turbulent) (11.53)

3
48| Kk
Rej o = — 8. -{1151a
a0 | e )
1
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Co vs. film-Re for vertical plate
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FIGURE 11.8 Condensation number vs. film Reynolds number for a vertical plate

where, h,,, is from Eq. (11.49)

-1 =
" 3
and, Pyertom = 147 k- Re 3 & ..(11.51b)
: %
Calculation formulas for laminar-wavy region, for vertcal plate are:
i 0.82
Lok - - 3
Re; ay = | 481+ 37-L K, (Tsa* T8 ..{11.52a)
) Hi kg Vi
REf wa 'kL g 3
and, h,, = Sl | 2 .(11.52b
Y 1L08-Ref yavy - 52 (V] )
Calculation formulas for turbulent film region, for vertcal plate are:
4
0.5 1 3
0.069-L-ky -Pr, " (T — T, 3
Rey i = L Usat =T) | 2 1% _ 151.p7 05 4 253 -(11.53a)
- My -hpg T
and,
1
Re)r turb 'kL 3
Mt tuct = e = : % .(11.53b)
8750 + 58 Pr L -(Refimrb - 253) L

Chen et.al. (1987) have suggested the following universal correlation for both wavy and turbulent regions
(instead of Eqs. 11.52 and 11.53} for condensation on a vertical plate:
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1
- 1
3 —_—
Co = Pavg (VI3 _ ( Ref‘o'“ + 5.82-10‘6-Re19'8v1’r}'3)2 for Re; > 30 .(11.54)
ky g

11.4.4 Film Condensation on Inclined Flates, Vertical Tubes, Horizontal Tubes and
Spheres, and Horizontal Tube Banks

Inclined plates:

Eq. 11.49 for laminar condensation on vertical plates can also be used for inclined plates. If the plate is inclined at

an angle of £to the vertical, (#< 60 deg.), replacing g by g.cos(q) in Eq. 11.49 gives satisfactory results for laminar

condensation on the upper surface of the inclined plate, ie.

1
PPy = py)-ki -g-cos (6) by, |4

LT —T)) W/(m’C) {for 0 < Re; < 30..(11.55))

hinclined = (0.943 [

We can also write:

1
Pinctinea = Fuen{c0S (@) (laminar...(11.56))

Vertical tubes:

Eq. 11.49 for laminar condensation on vertical plates can also be used to determine heat transfer coefficient
for laminar condensation on the outer or inner surface of a vertical tube, if the tube diameter is large compared to
the thickness of the liquid film, i.e.
if D >> 4
Horizontal tubes and spheres:

Horizontal tube-laminar film condensation:
For laminar film condensation on horizontal tubes and spheres, Nusselt type of analysis gives relations similar to
Eq. 11.49, except that L is replaced by diameter D and the value of the numerical constant is different. We get:

PpL - py )L -ghy,
Hy-L(Ta - T)

Horizontal tube—forced convection condensation:

Eq. 11.57 is for the case of a quiescent vapour condensing on a horizonal tube. However, for condensers
used in practice, a vapour may be forced through a condenser while being condensed. For the case of a cylinder
of diameter D exposed to cross flow of a vapour with a free stream velacity of U, following correlation due to
Shekriladze and Gomelauri (1966), may be applied:

n
By, = 0.729-[ J W/(m®C) ..for 0 < Re; < 30 (11.57)

1
s 1R
- = 1.69-g-hr, -4 -D 12
Hrose D _ 64 Re2 |14 1+M .for Rey, < 106 (11.57a)
ke Uk (Teay - T)
where, Rep, = pUD
Hy,
Sphere-laminar film condensation:
(o - pv)ki g g |t
Hophers = 0.826- PLPL —OVITL R Mg 1™ sy i) for 0 < Re; < 30 .{11.58)
H1-D-Teat - T¢)

[t is interesting to compare the laminar condensation on vertical and horizontal tubes. From Egs. 11.49 and
11.57, we can write:
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1 1
Fvest _ 0-943,(2)4 _ 1_294_(2J4 .{1159)

Moz 0729\ L L
FOr by to be equal to Ay, we should have:
L=(129%D
i.e L=28D

ie. for I > 2.8.D, heat transfer coefficient will be higher for a horizontal tube. It is a fact that most of the tubes
used in practice have lengths such that L > 28.D. Therefore, tubes used in a steam condenser are generally
arranged in a horizontal orientation.

Horizontal tube banks: Correction factor T

More than a single horizontal tube, an array of horizon- 1

tal tubes condensing a vapour on their outer surfaces is Staggered tubes
of practical interest. In a steam condenser, generally such Inine tubes

an array of tubes is used to condense low pressure steam
exiting from the steam turbine. These tubes are cooled
by circulating cold water through them. It is clear that
the vapour condensed on the outer surface of the tubes
at the top of the array will trickle down on to the tubes
below them; thus the thickness of the liquid film on the 1
surfaces of the tubes at the lower level will be larger, and Row number,

as a tesult, the heat transfer coefficient will be lower for .
the tubes at the lower level, i.e. the heat transfer coeffi- FIGURE 11.10 Correcfion factor for heat fransfer
coefficient in different rows of a condenser

0.4

Y

cient depends upon the number of the row, counting
from top. Heat transfer coefficient for tube on the first
row is maximum, lower for second row, etc. Variation of heat transfer coefficient for condensation on the outside
of the tubes of different rows of a condenser are shown qualitatively in Fig. 11.10.
In Fig. 11.10, correction factor = hy/h,, where
h, = heat transfer coefficient for the first row, and
h,, = heat transfer coefficient for the ' row.
Average heat transfer coefficient for film condensation on a vertical tier containing N tubes is obtained by
substituting {N.D} in place of D in Eq. 11.57 for a single horizontal tube, i.e.

1
pr(oL -~ py)ki g by |2
W/{m*C) ...for 0 < Rep < 30 -(11.60)
- (N-D)- (Taar — Ts) _ ) d

Clearly, this is related to the value of heat transfer coefficient for a single horizontal tube as follows:

1
Phoriz_Ntubes = T “Mroriz_1 tube

N4
Vertical Tier of N Horizontal tubes:
Chen (1961) has suggested the following modified form of Eq.11.57 for condensation on a vertical tube bank,
to take into account the condensation occurring on the sub-cooled film between two adjacent tubes:

1
Lo —pv)~k2-g-h}g 4' 1402 Cpr (Tear ~ T} (N -1)
#L'(N'D)'(Tsat "Ts) ' hfg

Note that the second square brackets on the RHS, isa correction factor to Eq. 11.60; also note that term inside
this square bracket is kg, and not ¥'p,. Eq. 1161 is valid for:

CpL (Toa — T}
hy

hhoriz_Ntubes =0729 l:

(11.61)

..(1161)

iz Niubes = 0-725'[

< 2 and, Prp21
g
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and,
Cor (Tae = T,)
hf 4

11.4.5 Effect of Vapour Velocity, Nature of Condensing Surface and
Non-condensable Gases

Effect of vapour velocity:

Above formulas are valid for stationary vapour or vapour moving at very low velocities (V < 10 m/s). At higher

velocities, there will be friction between the liquid film and moving vapour. For a vertical plate, if the vapour is

moving upwards, it will act to decrease the film velocity since the film is moving downwards and so, the film

thickness will increase and the heat transfer coefficient will decrease. When the frictional force overcomes the

gravity force, the film will get detached from the surface and the heat transfer coefficient will increase. Instead, if

the vapour moves downwards in the direction of motion of the liquid film, then the film velocity increases, film

thickness decreases, and as a result, the heat transfer coefficient increases. It is also observed that at low pres-

sures, effect of vapour velocity on heat transfer coefficient is small.

Effect of nature of condensing surface:

For a rough surface, or for a surface covered with an oxide film, the surface offers additional resistance to the

flow of the film, thus increasing the thickness of the liquid film. This results in reduction of heat transfer coeffi-

cient.

Effect of non-condensable gases:

If the vapours contain air or other non-condensable gases, heat transfer coefficient reduces drastically. This hap-

pens because, only the vapours condense on the surface, and the non-condensable gases form a ‘cloud’ near the

surface impeding the approach of vapours to the surface for further condensation. In connection with steam

condensers, practical data indicate that even a one per cent of air (by mass) in the vapour causes a reduction of

about 60% in the value of heat transfer coefficient. So, in industrial condensers, provision is made for continuous

venting of the non-condensables from the system.

11.4.6 Simplified Calculations for Water

With reference to industrially important steam condensers, water vapour is condensed on the outside of tubes
arranged mostly in a horizontal orientation. Then, for a horizontal tube, we have:

= Ja = Jacob number,

1
(o — o)k ont |*
b, <0729, | 2L PLZ PV kD8 i W/(m?C) .for 0 < Re, < 30 (11.57)
4D (Toar = To)
Then, without the correction for liquid sub-cooling, and for PL >> Py, wWe can write:
1 1
2 13\2 BT
Hhorz = 0.729- (pL kLJ —(8hye) T W/(m’C) (11.62)
Ay, =
[D-(Tgae — 7))
ie. Mory = 0.729- AB — W/(m’C) ' ..{1162a)
[D-(Teay — T,) 1
where,

i
2 13Ys 1
A= PLkL and, B= (g-hfg)‘l
Hr
For N horizontal tubes in a vertical tier, D in Eq. 11.62a is replaced by (N.D).
For vapours condensing on a vertical tube, again, Eq. 11.62a can be used, but with the modification that
numerical constant 0.729 is replaced by 1.13 and D is replaced by the height of the tube, .
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Here, parameter A is evaluated at the mean film temperature {= (T, + T,)/2} and parameter B is evaluated
at T,,. _

Values of A and B can be conveniently tabulated for water for different values of T, and T,, respectively.
For the industrially important case of a steam condenser, Eq. 11.62a can be used to make a quick estimate of the
heat transfer coefficient; values of parameters A and B can be read from Table 11.5 and Table 11.6, respectively, or
from Fig. 11.10 and Fig. 11.11, respectively.
Example 11.9. Saturated steam at atmospheric pressure condenses on a vertical plate (size: 30 cm x 30 cm) maintained at
60°C. Determine heat transfer rate and the mass of steam condensed per hour.
(b) If the plate is tilted at an angle of 30 deg. to the vertical, what is the value of condensation rate?
Solution.
Data:

L=03m b=03m T, :=100°C T, :=60°C and, T;:= 80°C (mean film temperature = (100 + 60)/2)

Properties of liquid at T, = 80°C:

Py = 971.8 kg/m® Cpp = 4197 ] /kg.C 4 1= 0355 x 1077 kg/(ms) k= 067 W/(mC)  g:=9.81 m/s’

Properties of saturation vapours at 100°C:

hy, = 2257 x 10° ] /kg  py = 0.5978 kg/m’

Average heat transfer coefficient:

Let us assume laminar film condensation; we shall check this later.

Then, we have:

W i=hf, + 0.68.C, (T - T) J/kg (modified heat of vaporisation)

TABLE 11.5 Volues of parometer ‘A’ ot different mean film temperatures for water

5 999.9 4205 0.571 0.001519 105.21
10 999.7 4194 0.58 0.001307 110.52
15 999 4186 0.589 0.001138 15.70
20 998 4182 0.598 0.001002 120.75
25 997 4180 0.607 0.000891 125.68
30 996 4178 0.615 0.000798 130.40
a5 994 4178 0.623 0.00072 134.97
40 982.1 4179 0.631 0.000653 139.50
45 980.1 4180 0.637 0.000596 143.59
50 988.1 4181 0.644 0.000547 147.76
60 983.3 4185 0.654 0.000467 155.13
80 571.8 4197 0.67 0.000355 168.19

100 957.9 4217 0.679 0.000282 178.65
120 943.4 4244 0.683 0.000232 186.98
140 8921.7 4286 0.683 0.000197 192.53
160 907.4 4340 0.68 0.00017 197.55
180 887.3 4410 0673 0.00015 200.00
200 864.3 4500 0.663 0.000134 200.77
220 840.3 4610 0.65 0.000122 199.67
240 813.7 4760 0.632 0.000111 196.99
260 783.7 4970 0.609 0.000102 192.04
280 750.8 5280 0.581 0.000094 185.19
300 713.8 5750 0.548 0.000086 176.71
320 6671 6540 0.509 0.000078 165.62
340 8105 8240 0.469 0.00007 153.09
360 528.3 14690 0.427 0.00006 137.95
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FIGURE 11.10 Parameter A for water
ie. i = 2371 x 10° | /kg
and,
N 1
. -0 ki gk, |4 .
oy 1= 0943. | 22 (P~ pu) ke R W/(m’C)...for 0 < Re; < 30. ..(11.49)
My L(Tsat - Ts)
ie Hovg = BI17 x 10° W/ (m?C) (average heat transfer coefficient for the plate)

Heat transfer rate:
Q= hm,’-(l_-b»('l"Sat -T), W

ie. Q=213x10"W (heat transfer rate to the plate)
Condensation rate of steam:

Q
m = -2 kg/s
hfx
ie. m=8983 x 10 kg/s
ie. m = 3234 kg/h (condensation rate per hour.)

Now, check the assumption of laminar film condensation:
We have, film Reynolds number, given by:

4:m
Re; = (11.32)
=P H
where, P = wetted perimeter = b, for vertical plate
4.
Therefore, Re;:= i
by,
ie Ref = 337.401 (= 1800, therefore laminar.)

However, Ref is > 30; therefore, it is laminar-wavy region.

So, let us assume that condensation is laminar up to a particular distance L, from top, and then it becomes wavy.
Let us find out the distance from top, where film becomes wavy.

For purely laminar film: Rep =30

. Rep by,
Le. my = —
4
ie. my = 7.987 x 107 kg/s (mass flow rate at the end of laminar film)
Now, my; = & -(a)
hfz

where, {2, is the heat transfer to the plate up to the length L,
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‘g' at different saturation temperatures for water

TABLE 11.6 Values of parameter

70.302
70217
70.132
70.046
69.961
69.882
69.795
69.709
69.622
69.534
£0.358
68.988
68.596
68.182
67.729
67.234
66.679
66.058
65.348

2478
2466
2454
2442
2431
2419
2407
2395
2383
2369
2309
2257
2203
2145
2083
2015
1941
1859
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Then, from Eq. a:

th = ‘Q,l
hfz
3
474
ie. 7987 x 107 = M
hiy
3
7.987 x107* k7, )3
ie. L= (F 08
5.255x10
ie. Ly =0012m (distance from top, up to which film is laminar)
Therefore, length of plate over which film is wavy =L, =03~ L,
ie. Ly =0288 m
Over the length L,, we use equation applicable to wavy film, namely,
Re .
Co = (laminar-wavy...(11.52))

T 108-Re}Z 52

where, by definition, Condensation number is:

k E
Co= 2, #_] _ (11.50b}
ke \pig
Let the rate of condensation over the total length of the plate be m,,:
Then, Mo = My + M, where m, = mass condensation over length L,
avy (L2 8- (T = T,
ie Myr = 1 + ot UL ,)( )
i
ie. Mgy = 7.987 X 107 + ko (1458 x 107
Now, film Reynolds number for wavy region:
4-m 4
Re vy = —bﬂ—“" = o 7987 X 107 4 k- (1458 x 109
L L
ie. Rey auy = 29.998 + 0.055h,,,. (©
Then, from Eq. 11.50b and 11.52 and Eq. ¢ we get:
1
My (4 VP _ 29.998 +0.055-h,,,,.
ke lpig 1.08:(29.998 +0.055-4,,,,)"* - 5.2

Solve this for H,,avy using solve block of Mathcad:
Start with a guess value for Myavy- Then, immediately after ‘Given,” write the constraint equation Then, type the
command “Find (Myavy)” and it is calculated immediately:

Hoyavy = 1000 (quess value)
Given
Py ( i Jé ~ 29.998 + 0.055-4,,,,
k lpotg) 1.08(29.998 +0.055 k,,,.)' Z —5.2
Find (1,,,,) = 6.934 x 10°

Le. Muavy = 6934 W/(m*C) (heaf transfer coefficient in the wavy region)

Now, from Eq. c
Rej yary = 29.998 + 0.055-k,,,, 0
ie. Res yyavy = 411.368 < 1800, and > 30 (therefore, within the wavy region.)

Therefore, use of Eq. 11.52 for wavy region is justified.
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Then, total rate of condensation:
My 1= 7.987 X 1074 + By, (1458 x 107%)

ie. My = 0.011 kg/s
ie my,-3600 = 39.27 kg/h (total rale of mass condensation.)
Comments: Above procedure, wherein we took into account the small, initial length from top of the plate where the film
is laminar, is quite accurate. But, note that laminar film exists only for a distance of 0.012 m from top, whereas for the
remaining 0.288 m of height, the flow is laminar-wavy.

So, if we make an approximation that the flow is laminar-wavy for the entire height of the plate, we get:

Heat transferred: Q = Ry (L) - (T — T5)
ie. Q=249 x 10 W
And, rate of condensation: m,, = ——
hie
ie. My = 0011 kg/s

Note that this value of m, is practically the same as obtained earlier with exact analysis. Therefore, it appears that
calculations made assuming that the entire plate has laminar-wavy film, involve negligible error, with the advantage
that the calculations are much easier to make.

Assuming that the film is laminar-wavy over the entire length of plate, calculations would proceed as follows:
Using the calculation formulas for laminar-wavy film region:
Laminar-wavy Reynolds number:

1 0.82
Lok - _ 3
Ryfny = | 481+ w(%} ..(11.52a)
- Hyohgy VL
Now, since ¥ = # we write:
Pr
1 0.82
3
3.7 Lok AT, —T,
Ref auy'= | 4814 AT “T) b 8
- ﬂL"'Ifg [ﬂ J
Hi
P
ie. Rey yavy = 398.911 (Laminar-wavy Reynolds number)
Heat transfer coefficient in laminar-wavy region:
Re -k 3
: = Jowavy (L 1 &
We have: Prert wavy *= TR, TP 57 (VE] | -(11.52b)
ie. Poert_wavy = 6:982 x 10° W/(m’C) {heat transfer coefficient in the wavy region.)

Compare this value with the value of 6934 W/ (m®C) obtained earlier with exact analysis,
Heat transferred:
Q= hverl_wavy‘(L'b)'(Tsat - Ts) w
Le. Q=2514x10* W
and, rate of condensation:

Q
Meona = —
COni hfg
ie. Meong = 0011 kg/s
ie. Mna = 38.162 kg/h.

(b) If the plate is tilted at 30 deg. to vertical:
We can determine k by replacing g by g.cos (6) in equation for vertical plate.
Since # is already determined for verticat plate, we can use the relation:
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1
hind'med = hvert'(cos(e))‘

{laminar..(11.56))

Note: while using Mathcad, for tligonometricrfunctions, # must be expressed in radians:

3 .
radians

ie. .=

ie. 8 = 0.524 radians
Therefore,

¥
hi.nc]ined = hvert_wavy' (COS (9))4
ie Bictined = 6735 x 10 W/{m*C)
and,
Heat transferred:

Q = Hietmea" (L D) (T = TH W

ie. Q=2425x 10 W
and, rate of condensation:
Q
Pleond = T
m hfg
ie. Meong = 0.01 kg/'s
ie. Meona = 36.814 kg/h.

(heat transfer coefficient for inclined plate.)

i.e. for an inclined plate, rate of condensation is decreased by about 3.5% as compared to that on a vertical plate.
Example 11.10. Saturated steam at a temperature of 65°C condenses on a vertical surface at 55°C. Determine the thick-
ness of the condensate film at locations 0.2 m and 1.0 m from top. Also, calculate the condensate flow rate, local and

average heat transfer coefficients at these locations.
Properties of water at the mean temperature are:
Data:

(M.U. 2002)

pi=9833 kg/m® k= 0654 W/(mK) gy = 467 x 107 kg/ms)  C,, := 485 )/ (kgO)
he = 2346 x 10° [/kg Ty = 65°C  T,:=55°C  g:=98lm/s’ b:=1m (width, assumed)

Solution. Thickness of condensate film:
We have, from Eq. 11.43
1
S oo | Akt T =Ty x [
PP -pov) g hs
When g >> g, we can write:
1
. . . —_— . 4
sy = | Aht U 7T x|
P8 by,

Therefore,
8(02) = 1.024 x 10 m
and, #(1.0}= 1.531 x 10* m
Mass flow rate of condensate:
We have, from Eq. 11.3%

m= P (P = pv) g b8
3y
Again, when p; >> py we can write:

2 b 6P

mix) = 3 kg/s
Therefore,
m(0.2) = 7.262 x 107 kg/s
and, m(1.0) = 0.024 kg/s

FUNDAMENTALS OF HEAT AND MASS TRANSFER
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Heat transfer coefficients:
We can use Eq. 11.44 or 11.45. Since & is already calculated, it is easier to use Eq. 11.44:

. k
ie. h, = ?L .(11.44)
Again, writing k, as a function of x, Eq. 11.44 is re-written as:
h = =t
() )
Then,
h,(0.2) = 6389 x 10° W/(m’C) {local heat transfer coefficient at 0.2 m from top)
and, k,(1.0)= 4.272 x 10° W/(m’C) {local heat transfer coefficient at 1.0 m from top)
Furthet, average heat transfer coefficient between x = 0 and x = x is given by Eq. 1147, ie.
4
havg = 5 Hx X (1147
We re-write this as:
4
havg(x) = E-h,(x) (average heat transfer coefficient between x = Qand x = x)
Therefore,
hagl0.2) = 8518 x 10° W/ (m?C) (average heat transfer coefficient between x = 0and x = 0.2)
and, h,,(1.0) = 5697 x 107 W/{m*C) (average heat transfer coefficient between x = Oand x = 1.0 m)

McAdams has suggested that this calculated value of Ky should be increased by 20% to account for liquid sub-
cooling, i.e.
Havg(1.0) = 1.2 x 5697 = 6846.4 W/ (m’C) (corrected average heat transfer coefficient between x = Qand x = 1.0 )m.
Note: All the above calculations have assumed that the film is purety laminar during condensation.
(b) In addition, if the height of the plate is 1 m let us calculate the following:
(i) heat transfer rate to the plate,
{ii) maximum velocity of condensate at the trailing edge, and
{iii) also, draw the variation of & with distance from top.
Li=1m (height of vertical plate)
Let us check if the condensation is of laminar type:
We should find film Reynolds number.
From Eg. 11.32 we have:

Res= A here P = wetted perimeter =b=1m
P.

L

m has already been calculated as 0.024 kg/s at 2 distance of 1 m from top.

The Re 4-0.024
n, =
f by
ie. Rep = 205.567 < 1800 (therefore, laminar.)

Note: However, note that Re; > 30; therefore, flow is really in the laminar-wavy region.
Assuming that the film is laminar-wavy over the entire length of plate, calculations would proceed as follows:
Using the calculation formulas for laminar-wavy film region:

We have:
Ry := hyy + 068 Cpp- (T - T 1/kg (modified heat of vaporisation)
ie. ‘o = 239 x 10°J/kg
Laminar-wavy Reynolds number: ‘
1 0.82
Lok (T, — 3 ‘
e = |ag1e LR Uu-T) ) & ..(11.52a)
fwavy P 2
#L'h)‘g (Vr.)

Now, since v = Hi we write:
: P

L
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37 Lk T -T) | g

Re; avy = [481+

Hi- h ;x [ Ky Jl
AL
ie. Reg yavy = 235.355 {Laminar—wavy Reynolds number)
Heat transfer coefficient in laminar-wavy region:
Re -k, E
fwavy "KL g

We have: Hoort wavy = | == ..(11.52b

ve vy = 1 08-Rey ., 2~ 5.2 (vﬁ} (11.525)
ie Puert wavy = 6-445 x 10° W/(m*C) (heat transfer coefficient in the wavy region.)

Note: Compare this value with the value of 6836.4 W/{m’C) obtained earlier for pure laminar film.
(i) Heat transfer rate:
Q = hvert_wavy'([" b)'(Tsar - Ts) w

i.e. Q=6445x 10° W (heat transfer rate to the plate.)
(i) Maximum velocity of condensate at the bottom {i.e. trailing edge of plate):
Velocity is given by:
gl —po) & |y 1 [y]z
=8 Y2 Y {1137
w(y) P 57715 (11.37)

Now, the maximum velocity occurs when y = 4.
Therefore, remembering that g >> p, we can write for maximum velocity at the bottom of the plate, ie. atx =L,

where & = §(L):
u IM,E_L.(QJZ
ax i 5 2\§

ie. Uy = &P oLy
24
ie. Upoe = 0242 m/s (maximum velocity af the bottom of plate.)

(iii) Draw the variation of § with the distance from the top of the plate, x:
It is convenient to use Mathcad to draw this graph:
x:= 0,005 .., L0 (define a range variable x varying from x = 0 to x = 1 m af an interval of 0.05 m.)

Then, to draw the graph, click on the graph pallete, choose x-y graph, fill up the place holder on x-axis by x, and
place holder on y-axis by [§(x). 10*) Click anywhere outside the graph area, and the graph appears:

Verify that at x = 1 m, &is equal to 1.531 % 20", as already calculated. It is observed that film thickness is zero at x
=0, i.e. the top edge and goes on increasing with increasing ¥, i.e. as one travels down the plate.
Example 111} Dry, saturated steam at atmospheric pressure condenses on a horizontal tube of diameter = 5 cm and
length L = 1 m; surface of the tube is maintained at 60°C. Determine heat transfer rate and the mass of steam condensed
per hour. Assume laminar film condensation.
(b} If the tube is vertical, what is the condensation rate?

$olution.
Data:
= 10m D = 0.05 m Tsat = 100°C Ts .= 60°C - Tf = 80°C (ﬁ]m tEl'np = (lm; 60)]

Properties of liquid at T, := 80°C:
P =9718kg/m® G =4197 J/kgC gy = 0355 107 kg/(ms) Ky := 0.67 W/(mC) g = 981 m/s?
Properties of saturated vapour at 100°C:

hy, = 2257 x 10° } /kg (enthalpy of vaporisation)

Py = 05978 kg/m® _ {density of vapour)
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Variation of film thickness with x

18
1.6
14
1.2

Film thickness (m) x 10°

04
0.2

——d |

1]
0 04 02 03 04 05 06 07 08 09 1
Distance from top (m)

—— Fiim thickness

(a) For horizontal tube:
We shall make a quick estimate using Eq. 11.62a:

ie. By = 0720 — 22 W/ @’C) .{11.62a)

DT, - T

where,

2 ,3\3 1
A= [—‘?L—k—Ll and, B =(g-hy)t-
‘ He
Now, A and B are to be evaluated at the mean film temperature (= 80°C) and at saturation temperature of steam (=
100°C), respectively. Value of A is read from Table 11.5 (ot Fig. 11.10) and that of B from Table 11.6 (or Fig, 11.11). We
get:

A= 16819
and, B := 68.596
Therefore,
B = 0729 — 22 W/mC)
[D- (T ~ T
Le. ' Broms = 7.072 % 10° W/{m*C) (average heat transfer coefficient for horizontal tube)

Heat transfer rate:
Q= hhoriz'(K'D'L)'(Tsat -T) w
ie. Q=44Mx10*W (heat transfer rate to the tube.)
Condensation rate of steam:

Q

mi= —- kg/s
g
ie. m = 0.01969 kg/s
ie m = 70.879 kg/h (condensation rate per hour for horizontal tube.)

(b) For vertical tube:
We shall make an estimate of ‘i’ using Eq. 11.62a. Since that equation is for horizontal tubes, we should change the
numerical constant to 1,13, and D to L, to apply for vertical tubes: .
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ie. Py = 1.13- —H—Ll— W/(m?C) .(11.62a)

(L (Te - TIE
Values of A and B are already determined:

ie. A= 16819
and, B := 68.596
Therefore,
Hyery 1= 1.13-_ﬁ—f W/(m*C) (11.62a)
[L(To - TN
ie. Foere = 5.184 x 10> W/(m?C) (average heat transfer coefficient for vertical tube)

Heat transfer rate:
Q = hypy A7 D-L)- (T - T) W
ie Q=3257x10tw (heat transfer rafe to vertical tube.)
Condensation rate of steam:

m:= £ kg/s
by 8/
ie. m = 0.01443 kg/s )
ie. m = 51.953 kg/h (condensation rate per hour for vertical tube)
Ratio of condensation rates:
My _ 70.879
M., 51953

‘i.e. amount of steam condensed on a horizontal tube is 36.4% more as compared to the amount condensed for a vertical
tube.

-Note: In the above analysis, effect of ligutid sub-cooling has been neglected; also, laminar film condensation is assumed.
Example 11.32. Dry, saturated steam at atmospheric pressure condenses on a vertical tube of diameter = 5 cm and length
L = 1.5 m; surface of the tube is maintained at 80°C. Determine the heat transfer rate and the mass of steam condensed

per hour.
Solution,
Data:
L=15m D:=005m Tu:=100°C  T,:=80°C . Tj=%°C (mean film temp.:ng;gol)
Properties of liquid at Ty = 90°C
P = 9653 kg/m®  Cypi=1/kgC gy = 0315 x 107 kg/(ms) K, = 0.675 W/(mC)
Pr =196  g:= 981 m/s*
Properties of saturated vapour at 100°C:
hy, = 2257 x 10° J /kg {enthalpy of vapourization)
Py = 0.5978 kg/m> (density of vapour)

To start with, we shall assume that the film thickness & << D, the tube diameter and also that the condensation is in
pure laminar region; we shall check these assumptions later.
For laminar film condensation on vertical surface, we have:

1
PP =)k g, |* 2
k., = 0943 £ W/mPC) . for 0 < Re, < 30 (1149
avg { ﬂL'L'(Tm _TS) ( f f ( )
where, 'y = e + 068 CL (T ~ Ty)
Therefore, h'y, = 2.314 x 10° J/kg
Then,
1
3 ’
. _ . . .’1 4
Now, Hyg = 0.943. polo—-py)kiog n W/(miC)
Hy LTy -T))

FUNDAMENTALS OF HEAT AND MASS TRANSFER



ie. Byyg = 483 x 10° W/(m’C)
Heat transfer rate:
Q = Ry (A D-L) (T - TO W _
ie. Q=12276x10*W (heat transfer rate to the tube.)
Condensation rate of steam:

m = h& kg/s
fg
ie. m = 9.83452 x 107> kg /s
ie m = 35.404 kg/h (condensation rate per hour for horizontal tube.)

Now, let us check the assumptions:
Film thickness &:
We have, from Eq. 11.43%

1
. . . —_— 0 4
8(x) = M ..(11.43)
o= pv) gy -
Then, at x= L = 1.5m: §(1.5) = 1876 x 10™* m (film thickness at x = 1.5 m)

ie. film thickness at the bottom end of the tube = 0.1876 mm << 5 cm. Therefore, the condition that § << D is satisfied.
Next, let us check if film—Reynolds number is < 30:

Reynolds number:
We have:
Re, = o -(11.32)
Py
where, P = wetted perimeter, i.e.
P:=xD ie. P=0157m
4.
Therefore, Ref = P':_
Le. Res= 795.028 {< 1800...therefore, laminar)

However, Re; > 30; s0, it is in the laminar-wavy region. 5o, let us make calculations for laminar-wavy region:

Laminar-wavy region:

We have:
Calculation formulas for laminar—wavy region, for vertical plate/cylinder are:
V= £ Kinematic viscosity of liquid
P~
Le. W, = 3.263 x 1077 m?/s
o8
7Lk - - 3
Ry = 431+ 2L T (] .
- Hyohypg Vi
te. Rej oy = 1.016 x 16° (film Reynolds number for wavy region)
1
Re -k 3
F _wavy "L g
d, = |5 -.(11.52b
an hven_wavy I.OB'REf_w“yl'zz _592 [Vi] ( )
ie. R wavy = 616 x 10° W/ {m*C) {heat transfer coefficient for the wavy region.)

Assuming that film on the entire tube length is laminar-wavy (see comments in Example 11.9),
Heat transferred:
Q= hvert_wavy'(ﬂ'D'L)'(Tsat -T)W
ie. Q= 2903 % 10* W,
And, rate of condensation:

)

bisd =
cond * ’
hf £
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ie. Megng = 0.013 kg/s

ie. Meong = 45.155 kg /h.

Note: Let us compare the value of heat transfer coefficient for the wavy region, obtained above using Eq. 11.52b with
that obtained using Chen’s correlation 11.54:

From Chen’s correlation:

1
h 233 1
Co = k—*‘(”—t} =(Re,"™ +5.82.10™ Re} * . Pr 17 _for Re;> 30 ..(11.54)
L\ 8§
; g E 0.04 6 p,0.8 1.3 %
ie. Byvg = ke o ARef oy + 582107 -Ref, -PriY)
i )

ie. Havg = 6.89 x 10* W/(m?C) (heat transfer coefficient with Chen’s correlation.)

This value, when compared to the value of 6160 W/(m’C) obtained earlier, is about 11.9% higher.
Example 11.13. A steam condenser consists of a square array of 400 horizontal tubes, each 6 mm in diameter. The tubes
are exposed to exhaust steam arriving from the turbine at a pressure of 0.1 bar. If the tube surface temperature is main-
tained at a temperature of 25°C by circulating cold water through the tubes, determine the heat transfer coefficient and
the rate at which the steam is condensed per unit length of tubes for the entire array. Assume laminar film condensation
and that there are no condensable gases mixed with steam.

Solution, :

Data:
N = J400 ie N:=20 L=10m D := 0.006 m Ty i= 45.8°C
T, = 25°C o Tg = 35.4°C (mean film temp )

Properties of liquid at T; = 35.4°C: .
2= 99404 kg/m® Co =4178 J/kgC g = 0720 x 107> kg/(ms) K, := 0.623 W/{mC)
P =483 g:=981 m/s
Properties of saturated vapour at 45.8°C:
hy, == 2393 x 10° ] /kg (enthalpy of vapourization)
Py = 0.068 kg/m® (density of vapour)
Then, for laminar film condensation on a vertical tier consisting of N horizontal tubes, we have

1
. ¢
Froris Neubes = 0.729- [" ;'L(_’(’ ;; [‘)’) ”(’TZL‘ ks Th; 8]4 W/(mC) for 0 < Re; < 30 .(11.60)
where, 'y o= by + 0.68-Cop (T ~ T
ie. g = 2452 x 10° ) /kg
1
A — p VKol 4
and, Phoriz_ Neabes *= 0.729-[‘0 ;L(T;V 5) ":TZL' f:’)’g} W/ (m’C)
ie.” Hyonz Nubes = 5-482 % 107 W/(m’C) {average heat transfer coefficient)
Therefore,

Heat transfer rate/m length:
Q 1= Proriz Nrubes' (- DL} (Tygy - TJ W

ie. Q=2149 x 10° W/m (heat transfer rate to each fube/metre length.)

Condensation rate of steam:

m= -(?-— kg/s
hf £

ie. m = 8.76542 x 107 kg/s per metre length of each tube

Then, for the entire array of 400 tubes, total condensation rate per metre length is:

My, := m-400

ie. o = 0.351 kg/s per meter length of array
ie. My = 1262 kg/h {condensation rate per hour per metre length of array)
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Alternatively:
We an use Chen’s correlation for average heat transfer coefficient on a vertical tier of N horizontal fubes:
1
PuoL =Py ki gk, [ o2, Cp (T ~THN -1
AN DN (T = T) '

Proriz Niubes = 0723+ L{11.61)

By,
Cou (T =)
hf L4
Let us check the conditions first:
Co (T - T5)

By
and, Prp=483>1
Therefore, the conditions are satisfied.
Then, we have:

for: €2 and, Prp21

=0.036 <2

S =07
horiz_Ntubes “, (N . D)(Tsag _ Ts) hfg

ie. B yoriz Nrbes = 6-204 % 10° W/{m*C) (average heat transfer coefficient.)
Compare this value with h = 5482 W/ (m*C), obtained earlier from Eq. 11.60. We see that Chen's correlation gives
about 13.2% higher value of h.
Correspondingly, condensation rate also will be 13.2% higher:
ie. my, = 1262-(1.132}
ie. g, = 1429 kg/h {condensation rate per hour per metre length of array.}

11.4.7 Film Condensation inside Horizontal Tubes
Condensers used in vapour compression refrigeration and air-conditioning systems have refrigerant vapours
condensing inside horizontal or vertical tubes. The situation is complicated to analyse and, obviously, heat trans-
fer depends on vapour velocity.

For low vapour velocities, Chato recommends following correlation for condensation inside horizontal
tubes, when the tube length is short or the rate of condensation is smali:

1
pip, —pv)-kz-g-h;g}* _ {HU 5 G T TN -1

<o (pr — kP 3 4
oo = 0555 MMK)—P[h 3.0, T, -n] (11.63
ermel [ PR T KA R (11.63)
for Reyp = [M—J < 35000
‘UV inlet

Reynolds number of vapours is evaluated at the inlet conditions, with the inside diameter of the tube as the
characteristic length.

If the rate of condensation is high, or the tube is long, correlation of Ackers et al. may be used (with the
understanding that error may be as high as 50%):

1
f‘-"s';c-ﬁ = 0.026 -Re, > Pr3 {11.63a)

2
where, Re, = L G, +GV{&J
H Py

L

and, G, and Gy, are liquid and vapour mass velocities (kg/ {m?s)) calculated on the basis of internal cross section
of the tube (= 7.D?/4). These correlations may be used for vapour Reynolds numbers > 20,000 and the Haquid
Reynolds number > 5,00

Example 11.14.  Ammonia at 40°C is condensing inside a horizontal tube of 16 mm ID. Mass velocity of ammonia vapour
at inlet is 20 kg/ (mn’.s). Surface of the tube is maintained at a constant temperature of 20°C by circulating cold water.
Calculate the fraction of vapour that will condense if the tube is 0.5 m long.

BOILING AND CONDENSATION




Solution,
Data:
L=05m D:=00l6m Gy =20 kg/(rnzs) Ty = 40°C T, = 20°C -~ Ty = 30°C (mean film temp.)
Properties of liquid at T, = 30°C:
- Py =594 kg/m® o= 4890 J/kgC g == 2081 x 10" kg/(ms) k= 0507 W/(mC) g := 981 m/s?
Properties of saturated vapour at 40°C:
hg = 10988 x 10°J/kg  py == 12029 kg/m® gy := 1.0735 x 10°° kg/(ms)
Vapour Reynolds number:
Sv
Py
ie. Vi = 1663 m/s {(quite low)
Gy-D
Hy

ie. Rey = 2981 x 10* < 35,000 (Reynolds number)
Therefore, we can use the correlation of Chato for film condensation inside a tube:

1]

Vapour velocity: Vy:

Al’ld, Rev =

a0 - — k32 4
Hinvernal = 0.555.{%{@5 +%~CPL~(TW - T,)]J {11.63)
ie. Hinternat = 5-182 x 10° W/(m*C)
Then, rate of heat transfer:
Q:= hintema]'(E'D'L)'(Tsal -TO W
ie. Q=2605x10°W
Rate of condensation:

Q

hfg
, 3
where, W= hy + re Cor (T = T
ie. hy, = 1135 x 10° J/kg (modified latent heat)
Then, Moond = e
h!x
ie. Meona = 2.294 % 107 kg /s

Rate of input of ammonia:

zD?

My, = GV( ) kg/s

ie. my, = 4.021 x 107° kg/s
Therefore, fraction of vapour condensed:

Fraction = 2o=d., 10
e, Fraction = 57.042 %
Le. 57.042% of the ammonia entering the tube is condensed over a length of 0.5 m.

11.4.8 Drop-wise Condensation

In drop-wise condensation, as already explained, heat transfer coefficient is higher (by as much as ten times) than
that in film condensation, due to exposure of larger surface area to the vapours. Drop-wise condensation is
achieved either by giving a coating of some material (such as teflon, gold, silver, rhodium, platinum, etc.) or by
adding some promoting chemicals (such as waxes or fatty acids) to the vapours. However, maintaining the
surface conditions favourable for drop-wise condensation is very difficult in practice, since these coatings lose
their effectiveness in course of time due to fouling, oxidation, etc. In addition, the cost consideration also comes
into picture.
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Condensation of steam on copper surfaces has been studied extensively, because of its industrial importance
(in Steam Power plants). P. Griffith recommends following simple correlations for drop-wise condensation of
steam on copper surfaces:
Rgropwise = 91104 + 2044 - T, {for 22°C < T, < 100°C...(11.64a})
and, Raropwise = 255310 (for T > 100°C...(1.64b))
It must be appreciated that in heat exchangers, it is the total thermal resistance to heat transfer that matters.
Heat transfer coefficients are inherently high in boiling and condensation; so, the associated thermat resistance [=
1/(h.A)], is quite low. So, the heat transfer is more likely to be affected by other resistances such as the film
resistance on the other side of the heat exchanger or the thermal resistance of the tube material. As such, it is not
necessary to have an extremely high accuracy in the determination of heat transfer coefficients in boiling and
condensation.

11.5 Summary

In this chapter, we studied two important phenomena that involve phase change, namely, boiling and condensa-
tion, which have great industrial importance.

When a liquid comes in contact with a heated surface maintained at a temperature T, greater than the satu-
rated temperature T, of the liquid at the given pressure, boiling occurs. Boiling phenomenon may be classified
into two types: (a) pool boiling, and (b} flow boiling. In pool boiling, liquid remains stationary as in a “pool’ but
for the convection currents caused by temperature differences and the heater is submerged in the liquid. In fiow
boiling, boiling occurs as the liquid flows past a heated surface or inside a heated tube.

In pool boiling, there are various boiling regimes depending upon the ‘excess temperature’, AT, (= T, - ).
Since it is difficult to get analytical heat transfer correlations for boiling phenomenon, practical correlations are of
empirical nature and such correlations for the different boiling regimes have been presented.

Flow boiling inside pipes is more complicated, because of the possibility of two-phase flow. Two of the
practically important correlations for two-phase flow boiling have been presented along with those for nucleate
flow boiling,.

Condensation is of important relevance in steam condensers of thermal power plants. Condensation can be
considered as the ‘reverse’ of boiling phenomenon. Again, condensation may be of two types: (a) film condensa-
tion, and (b) drop-wise condensation.

Film condensation may be of laminar or turbulent type. Nusselt’s relation for laminar film condensation on
a vertical plate was derived. Several correlations for laminar film condensatior: on some other practically impor-
tant geometries were presented. Concept of ‘condensation number” and its use in correlations for laminar and
turbulent film condensation correlations was explained. Some important data to quickly estimate the heat trans-
fer coefficients for condensation of steam in a condenser were also given. Finally, for drop-wise condensation,
simple correlations of Griffith for steam condensing in a drop-wise manner on copper surfaces were given.

Questions
1. Differentiate between:
{a) evaporation and boiling
(b) sub-cooled boiling and saturated boiling, and
(¢) pool boiling and flow boiling.
2. With the aid of a neat sketch of a boiling curve for water (for pool boiling), explain the various regimes of

boiling, M.U]

3. Differentiate between nucleate boiling and film boiling. [M.U]

4. Draw the boiling curve for pool boiling of water and show the ‘burnout point. What is its significance?

5. What are the different flow regimes occurting in a vertical tube during flow boiling?

6. Mention a few industrial applications where boiling and condensation are important.

7. Ditferentiate between film condensation and drop-wise condensation. In which case is the heat transfer higher?
Why?

8. What is the mechanism of heat transfer in condensation? Using Nusselt’s theory, develop an expression for
average heat transfer coefficient in condensation over a length of a vertical plate. MU

9. What are the important assumptions in Nusselt's theory of condensation on a vertical plate?
10. What is ‘modified latent heat of vaporisation’? What is the purpose of introducing this quantity?
11. Define ‘film—Reynolds number’. At what value of film Reynolds number does the condensate film flow become
turbulent?
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12,

13.
14.

15.

16.

17.

Define ‘condensation number’. Draw a qualitative graph of film Reynolds number vs. condensation number,
and identify the laminar, wavy and turbulent film flow regions.
While calculating the film-Reynolds number, how is ‘wetted perimeter’ (P) defined?
Show that the value of hydraulic diameter for film condensation on a vertical plate, vertical cylinder and a
horizental cylinder is given by: D;, = 4.5, where & is the film thickness.
Considering the film condensation on horizontal and vertical tubes, in which case is the heat transfer coefficient
higher? Explain.
How is the average heat transfer coefficient in a vertical tier of N horizontal tubes related to the heat transfer
coefficient for condensation on a single horizontal tube? In a given tier, where is the heat transfer maximum, for
the upper tube or the tubes at the lower levels? Why?
Write a short note on how the condensation heat transfer is affected by:

(a) nature of surface (smooth or rough)

(b) vapour velocity, and

(c) presence of non-condensable gases in the vapours.

Problems

1.

10.

1L

12

13.

Water is boiled at atmospheric pressure in a mechanically polished, stainless steel pan of 30 cm diameter. Bot-
tom surface of the pan is maintained at a temperature of 108°C. Calculate: (a) heat transfer coefficient (b) heat
transfer rate, and (c) rate of evaporation of water.
In Problem 1, {a) calculate the maximum heat flux and compare the nucleate boiling flux with the maxirnum
heat flux (b) compare the values of heat transfer coefficient obtained from Rohsenow’s correlation with those
obtained using Collier’s, Mostinski’s and Russian correlations.
In problem 1 if the stainless steel pan is Teflon coated, how do the heat transfer coefficient and rate of evapora-
tion change? .
A nickel wire, 1.5 mm diameter and 400 mm long, is submerged in a water bath open to atmosphere. What is the
value of current flowing through the wire that will cause burnout, if the applied voltage is 10 V?
A horizontal, metal-clad heating element, 8 mm diameter, and of surface emissivity 0.9, is submerged in a water
bath. Surface temperature of the heating element is 340°C. If the water is at atmospheric pressure, calculate the
power dissipation per unit length of the heater.
A large, horizontal plate is kept immersed in a water bath boiling at 1 atm, 100°C. Surface temperature of the
plate is 300°C. Calculate the heat transfer coefficient and the heat flux. Assume the emissivity of the surface as
0.85.
Water is boiling at 7 atm. on the surface of a horizontal tube, whose wall temperature is maintained at 9°C
above the boiling point of water. Calculate the nucleate boiling heat transfer coefficient.

{b) What is the change in the value of heat fransfer coefficient when (i) temperature difference is increased to

18°C at the pressure of 7 atm., and (ii} pressure is raised to 14 atm. with AT, = 9°C? '

Water at 6 atm. flows inside a tube of 2.0 cm diameter under flow boiling conditions. Tube wall temperature is
maintained at 7°C above the saturation temperature. Determine the heat transfer for one metre length of tube.
A 50 mm diameter vertical evaporator tube (k,, = 20 W/{mK)) carries 1 kg/s of steam at 11.71 bar (P,,, = 460 K)
at a quality x = 0.2. The tube is subjected to a uniform heat flux of 1.1 x 10® W/mZ Identify the regime of flow
boiling and calculate the convective heat transfer coefficient and surface temperature of the tube.

(b) When the quality reaches 0.8, what is the boiling regime and how much is the boiling heat transfer coeffi-

cient?

In Problem 9, if the tube surface is maintained at a constant temperature of 227°C, calculate the total heat
transfer coefficient and surface heat flux at the point where the quality is 0.2. Rest of the data are the same as
in Problem 9.
Saturated water at 1 atm. and velocity 1.5 m/s moves across a cylindrical heating element of 5 mum diameter.
Find out the maximum heating rate for the element {W/m). [Hint: use the correlation of Lienhard and Eichhorn,
Eq.11.21 or 11.22).
Saturated steam at atmospheric pressure condenses on a vertical plate (size: 30 cm x 30 ¢m) maintained at 80°C.
Determine heat transfer rate and the mass of steam condensed per hour. (b) If the plate is tilted at an angle of
30 deg,. to the vertical, what is the value of condensation rate?
Saturated steam at a temperature of 75°C condenses on a vertical surface at 65°C. Determine the thickness of the
condensate film at locations 0.2 m and 1.0 m from top. Also, caleulate the condensate flow rate, local and aver-
age heat transfer coefficients at these locations.
Properties of water at the mean temperature of 70°C ave: p, = 977.5kg/m5, k, = 0,663 W/(mK), gz, = 0.000404
kg/(ms}, C;y = 4190 ]/(kgC). And, kg, at saturation temperature of 75°C = 2321 kJ/kg. Take py << g;.

FUNDAMENTALS OF HEAT AND MASS TRANSFER



14.

15.

16.

17.

18.

19.

20.

In Problem 11.13, if the height of the plate is 1 m, calculate the following:

(i) heat transfer rate to the plate,

(i} maximum velocity of condensate at the trailing edge, and

(iii} also, draw the variation of & with distance from top.
Dry, saturated steam at atmospheric pressure condenses on a horizontal tube of diameter = 3 cm and height L =
1 m; surface of the tube is maintained at 80°C. Estimate the heat transfer rate and the mass of steam condensed
per hour. Assume laminar film condensation.

(b) If the tube is vertical, what is the condensation rate?
[ Hint: Use Eq. 11.62a].
Dry, saturated steam at atmospheric pressure condenses on a vertical tube of diameter = 5 ¢m and length L =15
m; surface of the tube is maintained at 60°C. Determine the heat transfer rate and the mass of steam condensed
per hour.
A steam condenser consists of a square array of 625 horizontal tubes, each 6 mm in diameter. The tubes are
exposed to exhaust steam arriving from the turbine at a pressure of 0.15 bar. If the tube surface temperature is
maintained at a temperature of 25°C by circulating cold water through the tubes, determine the heat transfer
coefficient and the rate at which the steam is condensed per unit length of tubes for the entire array. Assume
laminar film condensation and that there are no condensable gases mixed with steam.
A steam condenser consists of an array of horizontal tubes, each 2.0 cm in diameter and 1.5 m long. The tubes
are arranged in such a manner that each vertical tier has 10 tubes; tubes are exposed to saturated steam at 100°C.
If the tube surface temperature is maintained at a temperature of 80°C, determine the total number of tubes
required to get a condensation rate of 0.4 kg/s. Assume laminar film condensation and that there are no conden-
sable gases mixed with steam. )
Ammonia at 40°C is condensing inside a horizontal tube of 25 mm ID. Mass velocity of ammonia vapour at inlet
is 10 kg/{m’s}). Surface of the tube is maintained at a constant temperature of 20°C by circulating cold water.
Calculate the fraction of vapour that will condense if the tube is (.5 m long,
In Problem 19, if ammonia is condensing on the outside surface of the tubes, what will be the heat transfer rate?
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CHAFTER

Heat Exchangers

12.1 Imntroduction

‘Heat exchanger’ is one of the most commonly used process equipments in industry and research. Function of a
heat exchanger is to transfer energy; this transfer of energy may occur to a single fluid (as in the case of a boiler
where heat is transferred to water) or between two fluids that are at different temperatures (as in the case of an
automobile radiator where heat is transferred from hot water to air). In some cases, there are more than two
streams of fluid exchanging heat in a heat exchanger. Heat exchangers of several designs in a variety of sizes
varying from ‘miniature’ to ‘huge’ (with heat transfer areas of the order of 5000 to 10,000 sq. metres) have been
developed over the years.
Some typical examples of heat exchanger applications are:
(i) Thermal power plants (boilers, superheaters, steam condensers, etc.)
(i) Refrigeration and air-conditioning (evaporators, condensers, coolers)
(iii) Automobile industry (radiators, all engine cooling and fuel cocling arrangements)
(iv) Chemical process industry (variety of heat exchangers between different types of fluids, in cumbustors
and reactors)
(v) Cryogenic industry (condenser-reboilers used in distillation columns, evaporators to produce gas from
cryogenic liquids, etc.)
(vi) Research (‘regenerators’ used in Stirling engines, special ceramic heat exchangers used in ultra-low tem-
perature devices, superconducting magnet systems, etc.).

12.2 Types of Heat Exchangers

Heat exchangers may be classified in several ways:
(i) according to heat exchange process

(ii) according to relative direction of flow of hot and cold fluids

{iii} according to constructional features, compactness, etc.

{(iv) according to the state of the fluid in the heat exchanger.
(i) Classification according to heat exchange process Heat exchangers may be of ‘direct contact type’ or of
‘indirect contact type’. In direct contact type, two immiscible fluids come in direct contact with each other and
exchange heat, e.g. air and water exchanging heat in a cooling tower. Indirect contact type can be further classi-
tied as ‘recuperators’ and ‘regenerators’. Recuperators are most commonly used; here, the hot and cold fluids ate
separated from each other by a solid wall and heat is transferred from one fluid to the other across this wall. In
regenerators, also called ‘periodic flow heat exchangers’, hot and cold streams alternately flow through a solid
matrix {made of solid particles or wire mesh screens); during the ‘hot blow’, the matrix stores the heat given up
by the hot stream and during ‘cold blow’, the stored heat is given up by the solid matrix to the cold stream.
Sometimes, the solid matrix is made to rotate across fluid passages arranged side by side, so that the heat ex-
change process is ‘continuous’.
(ii) Classification according to relative direction of hot and cold fluids If the hot and cold fluids flow parallel to
each other, it is known as ‘parallel flow’ heat exchanger; if the two fluids flow opposite to each other, it is of



